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In order to take advantage of the solid waste generated by the Colombian agricultural in-
dustry, the design of an experimental gasification unit at a laboratory scale using fluidized
bed technology is proposed, the unit will allow testing of diverse residues under different
operating conditions. In the present work, the methodology used for the basic design of the
different components of this unit is presented. The design includes besides the reactor, the
solids separation system and solids return system, as well as the biomass and bed material
feeding systems and the heating system. In order to carry out the design of all sub-systems,
methodologies from different authors have been adapted.
The properties of the residual biomasses with the highest energy potential in Colombia were
used as input data, thus analyzing the possibilities offered by the design in the use of different
residual biomass and the generation of expected thermal energy. The design was delimited
by the following requirements: gasification with air, semi-continuous operation, circulating
configuration, fluidization regimes from bubbling up to fast, thermal power output of 10
kWth, possibility to gasify different types of residual biomass (of different chemical and phy-
sical properties), possibility to test different gasification temperatures.
In order to study the fluid dynamics of the design, a cold model of size 1:1 with respect
to the size of the pilot plant was constructed. Experimental tests were carried out in the
cold model varying the solids inventory, fluidization velocity and solids recirculation rate, and
carrying out pressure drop and solids circulation rate measurements. The onset of fluidization
is independent of the bed height, nevertheless an influence in the fluid-dynamics of the bed
due the weight was observed. At low velocity regimes is recommended not to use deeper beds
because there is no adequate fluidization, therefore the contact efficiency might be low. In
the cyclone, at high solids load the separation efficiency increases due to the formation of
strand of solids which drag both the coarsest and the finest particles. The results allowed
the improvement of the initial design and determine the operation window of the unit.
The pilot unit is important for the development of thermochemical processes in fluidized
beds in Colombia, as it opens the possibility for assessing the energy use of agricultural solid
waste in such units.
The experimental unit designed allows the use of different residual biomasses operating under
different fluidization regimes from bubbling to fast, this is important because the unit will
allow to evaluate the conversion efficiency for each biomass under different contact regimes,
and in this way to select the most efficient regime to transform the biomass.
iv
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Resumen
Con el objetivo de aprovechar los residuos sólidos generados por la industria agŕıcola co-
lombiana, se propone diseñar una unidad experimental de gasificación de lecho fluidizado a
escala de laboratorio es propuesto, la unidad permitirá evaluar diferentes residuos bajo dife-
rentes condiciones de operación. En el presente trabajo se presenta la metodoloǵıa utilizada
para el diseño básico de los diferentes componentes de esta unidad, dentro de los cuales se
incluyen además del reactor, los sistemas de separación y retorno de sólidos, los sistemas
de alimentación de biomasa y material de lecho, aśı como el sistema de calentamiento que
provee la enerǵıa necesaria para la reacción. Para llevar a cabo el diseño de todos los sub
sistemas, se han adaptado diferentes metodoloǵıas planteadas por varios autores.
Las propiedades de las biomasas residuales con mayor potencial energético en Colombia
fueron usadas como datos de entrada, de esta forma, se analizan las posibilidades que ofre-
ce el diseño en el uso de diferentes biomasas residuales y la generación de enerǵıa térmica
esperada. El diseño fue delimitado por los siguientes requerimientos: gasificación con aire,
operación semi-continua, configuración de circulación, reǵımenes de fluidización desde bur-
bujeante hasta rápido, potencia térmica de 10 kWth, posibilidad de gasificar diferentes tipos
de biomasa residual.
Para estudiar la fluidodinámica del diseño, se construyó un modelo fŕıo con un tamaño 1:1
con referencia al tamaño de la planta piloto. Se realizaron pruebas experimentales variando
el inventario de sólidos, la velocidad de fluidización y la tasa de recirculación de sólidos,
realizando mediciones de cáıda de presión y tasas de circulación de sólidos. El inicio de
la fluidización es independiente de la altura del lecho, sin embargo una influencia en la
fluidodinámica del lecho debido al peso fue observada. En reǵımenes de baja velocidad se
recomienda no usar lechos profundos porque no se produce una fluidización adecuada, por
lo tanto la eficiencia de contacto podŕıa ser baja. En el ciclón, bajo alta carga de sólidos la
eficiencia de separación incrementa debido a la formación de caminos de sólidos, los cuales
arrastran las part́ıculas más gruesas y las más finas. Los resultados permitieron mejorar el
diseño final y determinar la ventana de operación de la unidad.
Palabras clave: Enerǵıas renovables, biomasa, transformación termoqúımica, gasifica-
ción, lecho fluidizado circulante, modelo fŕıo.
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Currently, the need to counteract the production of greenhouse gases (GHGs) has been one
of the main branches of research worldwide, due to the effects of these gases on the health
of living beings. The increase in population has brought with it the need to produce larger
amounts of energy to meet such as energy requirements, and has also resulted in an increasing
production of polluting gases such as CO2, CH4 and N2O, associated with the greenhouse
effect [?]. The combustion of fossil fuels is the major source of greenhouse gases [?] and due
to the direct relationship of CO2 with fossil fuel-based power generation (more than 40 % of
the CO2 produced is due to energy production [?]), different approaches have been proposed
to reduce its production [?], among which can be found the following strategies:
- increasing the efficiencies of existing technologies,
- developing technologies for the use of renewable resources,
- expanding the use of fuels with lower carbon content (such as biomass or nuclear energy).
The use of alternative sources has been sought with technologies based on the use of so-
lar, wind, geothermal, tidal and other renewable energies [?]. In Colombia, the use of non-
conventional energy sources has been encouraged through Law 1715 of 2014 in order to
face three concerns: the energy diversification, achievement of a continuous supply of fuel
throughout the national territory and the reduction of polluting emissions.
The country has a great dependency on hydropower and fossil fuels, about 67.7 % of the total
generation from hydroelectric, 26.3 % from natural gas and 4.8 % from coal [?], which has
made the energy supply susceptible to hydrological phenomena and the availability of fossil
fuels. Alternatives to the strong dependency have been sought through the diversification of
the energy sources mainly by the use of renewable resources such as eolic plants, photovoltaic
solar generation and generation from biomass [?].
According to the indicative plan for expansion of the electric power net 2013-2017 in Colom-
bia [?], 96,1 % of the population has coverage in the electric service representing about 46 %
of Colombian territory interconnected to the electric system. The non-interconnected zones
(NIZ) are located mainly in the departments of Vichada, Amazonas, Putumayo, Vaupés,
Guaviare, Casanare and Chocó, where most of its territory corresponds to forested areas
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with no easy routes for accessing, meaning technical and economic difficulties for expanding
the electrical distribution net. Currently, the energy supply of the NIZ is carried out through
diesel systems with limited fuel supply [?]. In this way, the decentralization of generation has
been sought through the creation of smaller plants which uses renewable resources on-site.
The UPME (Unidad de Planeación Minero Energética) has developed the energy atlas for
solar and wind energy in Colombia showing a good overall technical potential with an average
per day above 4.5 kWh/m2. Guajira and Orinoquia present the highest potential with 6.0
kWh/m2 [?]. On the other hand, the use of fuels with lower carbon content, such as biomass,
seems to be adequate owing to the high availability in the country. Also, biomass is considered
a neutral source of carbon [?], therefore it has the great potential to reduce dependency on
fossil fuels and decrease GHGs emissions [?].
Colombia is located in a tropical area, thus having great biodiversity that allows it to have
a wide variety of planted species. While growing, plants absorb carbon dioxide from the
environment and water through soil, then by photosynthesis process the CO2 is converted
into oxygen and glucose used by plant. When the plant ages, the reverse process occurs and
the plant begins to degrade, returning the carbon, in form of CO2 to the atmosphere; this
biomass is said to be a carbon neutral source of energy [?]. This feature makes the use of
biomass attractive because it allows the use of waste for energy generation without producing
additional emissions. Information about the energy potential of biomass and its residues has
been presented in the Atlas of the energy potential of the Residual Biomass in Colombia [?].
According to the Atlas, the potential varies according to the region and the crops, showing
that in general, the country has a great potential. In the interconnected zones is found the
highest energy potential due to the high density of forest residues which can be used on-site
to face the lack of connection to the electric grid.
The processes for conversion of biomass into other forms of energy are divided into phy-
sicochemical processes such as oil extraction and transesterification; biochemical such as
alcoholic fermentation, anaerobic digestion (in the absence of oxygen) and aerobic digestion,
and thermochemical processes such as pyrolysis, gasification, combustion and liquefaction.
The availability makes the biomass a viable alternative for its energetic use [?], since the
residual biomass has the advantage of not competing with food crops.
Gasification is a thermochemical process that allows the conversion of a solid fuel into a ga-
seous fuel through a partial oxidation process. The composition of the gas mixture produced
depends on the reaction agent used (air, steam, water, oxygen, carbon dioxide or hydrogen),
whose main products are carbon monoxide, carbon dioxide, methane and hydrogen. In the
case of air, nitrogen is present. The quality of the product gas depends on its calorific value
and the content of particulate material and tars, since the presence of tars in the gas is the
main problem in biomass gasification systems [?].
Biomass presents high variability in its properties, which affects the viability of some energy
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conversion processes. High moisture content, ash composition, and low calorific power impose
challenges in generation processes [?]. Technologies such as fluidized beds are capable of
dealing with this variability, since they are characterized by being flexible to the type of fuel
used (they allow the use of fuels of different qualities) and offering high contact efficiency
between gases and solids, favoring processes that require high heat transfer rates such as
gasification [?]. In Colombia, biomass is the second largest source of renewable energy, after
hydropower [?, ?], therefore, equipment capable of using this resource efficiently is required.
The circulating fluidized beds are able to operate with these fuels characteristics and to deal
with high quantities of material, in such a way that they can have high energy production,
with greater efficiencies and using great variety of biomass as fuel.
The circulating fluidized beds (CFBs) differ from the fixed beds and the bubbling beds mainly
in the fluidization velocity, which is high enough to cause a significant drag of solids. A system
for recirculation of the elutriated particles is therefore part of the typical configuration of
these beds. The rapid agitation of the bed material and the consequent turbulence generally
improve the processes of mass and heat transfer. The circulation of particles is usually used
to carry out cycles in which heat and / or chemical species are transported.
The main advantages of CFB equipment compared to other beds, allow for a greater range
of application in Colombia, since these systems are not going to be limited by the type of
biomass available in each area, its emission levels of sulfur oxides and nitrogen oxides will
be lower [?] and will allow a greater generation of energy.
Considering the availability of biomass and waste products in Colombia [?], and the need
for decentralized and sustainable energy production in the country [?], the fluidized bed
gasification process has great potential to become an important branch in the Colombian
energy generation scene.
1.2. Definition of problem
The use of technologies able to use energy coming from biomass and its waste, could solve
some needs of the Colombian population regarding energy supply. The energy requirements
can vary according to the population density and geographical location, therefore an adequate
research of the biomass potential and the appropriate equipment to deal with it, is required.
In the Non-Interconnected Zones, the connection to the grid is difficult due to technical and
economic issues, therefore diesel systems are used which makes the energy supply limited to
the fuel availability. The NIZ are located generally in areas with high availability of biomass
where the disposal of their waste represents environmental and economical problems, thus
the use of these residues for energy generation in-situ is proposed. Among the conversion
processes, the gasification process has been selected to transform the biomass in gas fuel.
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Due to the high variability of the biomass properties some gasification technologies are not
adequate, then, the circulating fluidized beds take great importance owing to its capacity
of adapting to fuels with different physical and chemical properties. The design of the ge-
neration equipment depends on the energy requirement and the properties of the available
raw material. On the one hand, the energy requirement may vary according to the needs
of each population, and on the other hand, depending on the geographic location, the raw
material may be different. Some residual biomasses have great potential to be used in energy
generation processes and its assessment under different conditions must be done. A pilot
unit is built in order to study the gasification process of different residual biomasses which
will allow optimal equipment sizing.
In order to take advantage of the solid waste generated by the Colombian agricultural in-
dustry, it is proposed to design an experimental unit at a laboratory scale that allows testing
of different residual biomasses for gasification at different operating conditions. In the present
work, the design considerations are described together with the methodology used for the
basic design of the different components. The possibilities offered by the design in the use
of different residual biomasses and the generation of expected thermal energy are analyzed.
The following characteristics were previously selected for the design: gasification with air,
semi-continous operation, circulating configuration, fluidization regimes from bubbling up
to fast, thermal power of 10 kWth, possibility to gasify different types of residual biomass.
For the initial design, the whole unit was divided in subsystems and each system was designed
based on diverse design methodologies suggested in literature. Owing to the complex behavior
of the system, the use of models or prototypes is required in order to evaluate the fluid
dynamics behavior of the equipment and correct the design or propose improvements. These
prototypes are known as cold models and are of great utility in the design of large units,
where uncertainties in the design should be corrected in scale models that represent lower
manufacturing costs [?]. The cold model is designed theoretically and must be corrected and
adjusted, in such a way that there is greater certainty of the hydrodynamic behavior of the
hot unit. A conscientious design of a CFB unit must also consider the use of the cold model
as support in the final unit layout and as a tool for the verification of the fluid dynamic
behavior when changing the conditions of the hot unit. The final design is a result of the




Study the fluid dynamic behavior of a circulating fluidized bed reactor for the thermoche-
mical use of non-conventional fuels, which is adapted to the energy needs and raw materials
available in the country.
1.3.2. Specific objectives
To evaluate different designs of circulating fluidized beds for gasification reported in
the literature and select the main characteristics and parts to be considered in the
design of the reactor.
Taking into account the design specifications and the literature review, to design and
build a cold model of the fluidized bed reactor that serves to verify its correct fluid
dynamic operation.
To operate the cold model and characterize the fluid dynamic behavior including ope-
rating ranges in terms of fluidization velocities, pressure drops and solids circulation
velocity.
To formulate possible changes that could improve the operation of the fluidized bed
reactor and implement them in the final design of the reactor.
2 Theorethical background
In the first section of this chapter a description of the residual biomasses used is made.
In the second, the transformation processes used to convert different types of biomass, the
conversion routes, the product obtained and the final energy usage, are briefly discussed. The
most common gasification technologies are presented. In the final section, the fluidization
process is described together with the fluidization relationships and the fluidization regimes.
The main parameters in the biomass gasification process in circulating fluidized bed are
considered.
2.1. Biomass in Colombia
Biomass refers to organic material derived from plants, animals and micro-organisms. This
definition includes products, by-products, residues and waste from agriculture, forestry and
related industries as well as the non-fossilized and biodegradable organic fractions of indus-
trial and municipal wastes [?, ?]. Biomass is considered a renewable energy source because
it comes from the solar energy and is sustainable as a carbon neutral source of energy [?, ?].
In colombia, some studies have been carried out to determine the energy potential of bio-
mass [?, ?, ?, ?], here, the use of energy crops and agroindustrial wastes has been considered
mainly because these types of crops do not interfere with the food supply and its use con-
tributes to deal with the environmental problems associated to that disposition. One of the
major problems with the energy crops is that they are labour-intensive to produce, harvest
and transport, since they are dispersed over large areas [?]. In the case of agroindustrial
wastes, the costs are lower but the material usually requires previous processing to make
it compatible with the conversion process [?]. Among the residues with the greatest energy
potential in the country are palm oil, sugarcane, coffee and rice residues [?, ?, ?], presented in
Fig. 2-1. Below a description of the wastes considered for the design of the unit is presented.
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(a) Oil palm rachis (b) Sugarcane bagasse (c) Coffee husk
(d) Rice husk (e) Poultry litter (f) Forest waste
Figure 2-1: Residual biomass
2.1.1. Description of raw materials
Oil palm rachis
Oil palm rachis is one of the residues from the processing of palm oil and consists of the
empty husk left over after oil extraction from the palm fruit [?]. Some applications of this
waste are heat generation in boilers and organic fertilizer, but due to the high potassium
content in the ashes, this residue presents operational problems in boilers [?, ?]. Much of
the waste is not used and is burned without any type of control generating contaminating
gaseous emission such as sulfur dioxide and nitrogen oxides [?].
Colombia is one of the largest palm producers after Brazil and Malaysia [?]. Almost 3 million
tons of palm oil are produced annually in the country [?], hence, there is a high availability
of residues. There is also a great potential in the use of rachis for power generation due to
its high content of volatile matter and rather low moisture contents and ash, resulting in a
relatively high lower heating value (LHV) [?]. The biomass ash rich in potassium in a fluidized
bed of silica sand may cause severe agglomeration and defluidization of the bed, because of
this it is required the use of alternative bed material as alumina, dolomite, limestone, calcite,
feldspar and soils containing kaolin which reduce the bed agglomeration potential [?, ?, ?].
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The heating value of the syngas is above 3, 27− 5, 37 MJ/Nm3 [?].
Sugarcane bagasse
In Colombia the production of sugarcane is mainly located in the Pacific region, where
approximately 99 % of the country’s total production is cultivated [?]. Bagasse is one of the
by-products of the sugarcane, defined by Perez [?] as “crushed outer stalk material formed
after the juice extraction from sugarcane, in sugar mills”. The Colombian industry have a
bagasse production of about 7 million tons per year which represents between 25 % and 40
% of the total processed material formed after juice extraction. The heating value of the
syngas is about 4.56 MJ/Nm3 [?].
Most of the research done on gasification of sugarcane bagasse regards the use of fluidized
beds, due to the flexibility of this type of reactors, the high conversion efficiency and the
quality of the gas produced [?]. Some problems have arisen in the feeding system because of
the physical properties of the material, such as form, flowability, low density and brittleness.
According to Gomez [?], the main problems are clogging and bridging (The researcher used
bagasse pellets in order to solve the feeding problems, increasing the energy density in the
residue).
Coffee husk
Coffee husk is a by-product of the coffee processing, which consist of the layer that covers
the seed [?]. Even though the husk constitutes 4 % by weight of the fruit, in Colombia in
2017 there was a production of 35202 tons per year in coffee husk [?].
The gasification in fluidized beds using coffee wastes has not been fully investigated [?, ?],
therefore there are few data concerning emissions for the process, and because of this, there is
a low utilization of these residues on fluidized bed reactors. Despite this, coffee husk presents a
high potential to be used due to its availability in the country and presents an opportunity for
future investigations. Coffee residues have a high content of carbon and similar composition
to various agricultural wastes used as good biomass fuels, due to this, the calorific power of
its gas is sometimes estimated based on biomasses with similar compositions [?].
Rice husk
Rice husk is the outer cover of the rice grain and corresponds to 14-35 % in weight of the
grain [?]. According to UPME [?], the annual production of rice in Colombia is estimated
around 2 million tons, representing a production of about 280-700 thousand tons of rice hulls.
Some of the rice wastes are used in farms, moisture retention in crops, and also as fuel for
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drying processes, but only 5 % of them are exploited [?]. Therefore, there is an important
availability of raw material that could be used for power generation.
Fluidized bed reactors are an efficient technology suitable to gasify rice husk due to the wide
tolerance to variations in fuel properties. Rice husk has low bulk density, high ash content,
irregular shape and low ash melting point, owing to these properties other types of reactors
are not technically feasible or suitable. The fuel gas of the gasification has heating value 4-6
MJ/Nm3 [?, ?].
Poultry litter
Chicken litter refers to the waste from the poultry industry, mainly composed by manure
and chaff. In Colombia, this waste is plenty available and it production is estimated in about
8.1 tons per day [?]. The use of chicken litter in large scale biomass to energy plants has been
proposed as an environmentally acceptable alternative to deal with the high levels of NO3
resulting from its use in cropping systems. The nitrate contamination can cause cancer and
respiratory illness in humans. There are some options that could be used obtaining financial
profits at the same time: anaerobic digestion, composting, direct combustion and fluidized
bed gasification, where the latter is found to be the best option as energy transformation
[?]. The heating value of the produced gas is found between 2.5-6 MJ/Nm3 depending on
the equivalence ratio (ER) used, decreasing with increase in the ER. [?, ?].
Forest waste
Due to its geographical location, Colombia has a great diversity of trees and a great extension
in forests. During the growth of the trees, these are able to transform the carbon dioxide
into oxygen and trap the carbon inside it. After this stage of growth the trees begin to
degrade and return this carbon to the atmosphere as carbon dioxide [?]. An efficient way
to use the wood decomposing is through thermochemical transformation, which not only
provides a form of energy use but also a form of disposal of forest residues. It is estimated
that only 40-60 % of a log is used, meaning wood waste represents an renewable source with
high potential as energy source [?].
The compositions and properties of the forest residues is very varied, therefore the gas
properties can differ in a wide range. In general, for gasification of fluidized beds a range of
2-6 MJ/Nm3 is estimated [?, ?].
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2.2. Thermochemical transformation
The biomass can be classified into oils, photosynthetic microorganisms, lignocellulosic, bio-
degradable MSW, and sugar and starch crops. Depending on the type of biomass the con-
version route into energy is done through physicochemical, biochemical and thermochemical
processes. The physicochemical processes are used to prepare and condition the biomass
for the later energy use; the extraction of oils and the production of diesel from transeste-
rification are classified here. The biochemical processes are based on the transformation of
biomass through the activity of micro-organisms; alcoholic fermentation, anaerobic and aero-
bic digestion are examples of this type of processes. Processes such as pyrolysis, gasification,
combustion and liquefaction represent thermochemical processes, based on the transforma-
tion of biomass into solid, liquid and gaseous products under certain conditions of pressure
and temperature [?, ?, ?, ?, ?]. The processes used for the conversion of biomass and the
final energy usage are presented in Fig. 2-2.
Figure 2-2: Biomass transformation processes. Adapted from [?]
According to the classification presented in Fig. 2-2, the residual biomass with energy po-
tential in Colombia are grouped into lignocellulosic biomass, therefore should be converted
through thermochemical processes. Among them, the gasification is of special interest be-
cause offers the possibility to obtain electric and thermal energy, and fuels in gaseous state;
has high process efficiency; and the absence of polluting gases makes this process the best
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option to transform the biomass.
2.2.1. Gasification
Gasification is the conversion process by partial oxidation at elevated temperature of a
carbonaceous feedstock, such as biomass, into a gaseous fuel, also known as syngas. The
reducing atmosphere can be achieved using air, oxygen, steam or a mixture of these; carbon
dioxide and hydrogen can also be used as gasifying agent. The product gas consists mainly of
hydrogen, carbon monoxide, methane, carbon dioxide and some quantities of ashes, tars and
higher hydrocarbons such as ethane and ethene [?]. The gas mixture generated can contain
nitrogen if air is used as reaction agent, which decreases the calorific power of the mixture.
Because of that, air gasification produces a poor-quality gas with a lower heating value (LHV)
of 4-7 MJ/Nm3, while oxygen and steam processes result in gases with a heating value of
10–18 MJ/Nm3 [?, ?, ?]. A gas with significantly high heating value (40 MJ/Nm3) can be
produced using hydrogen as reaction agent. Gasification with air is suitable for boiler, engine
and turbine operation, but not for pipeline transportation due to its low energy density. On
the other hand, gasification with medium and high calorific values are appropriated for
pipeline distribution and for use as feedstock for conversion into basic chemicals, such as
methanol [?, ?]. In spite of producing a gas with low calorific power, air is still the most used
gasifying agent because it avoids the costs and problems associated with the use of oxygen
[?].
The biomass gasification process consists of a series of subprocesses: drying, pyrolysis (de-
volatilization), gasification and eventually, combustion.
Drying
The biomass enters the reactor with a moisture content that is reduced during the
drying process generating dry biomass and water as products. The heat required de-
pends on the initial moisture content of the biomass.
Pyrolysis
It consists of the thermal degradation of the biomass in a solid fraction (char), a liquid
fraction (condensable hydrocarbons or tars) and a gaseous fraction composed of simple
molecules (CO, H2, CO2, CH4 and CnHm). The pyrolysis is carried out by heating
the biomass in the absence of oxidixing agents and the yield of their products depend
mostly on the heating rate and the final temperature [?].
Combustion (When air or oxygen is used as gasification agent)
This highly exothermic process based on the partial oxidation of the char obtained
from the pyrolysis process, can provide the heat for the gasification in the case of
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autothermal gasification. Allothermal processes obtains the heat for gasification from
a external source [?].
Gasification
This process generates a synthesis gas or gaseous fuel. The components present in
the product gases and their final concentration are dependent on several factors such
as feed composition, water content, reaction agent used, temperature of the process
and residence time [?, ?]. The product gas can be used as fuel or as an intermediate
product for the production of other chemical products. The gasification process is the
rate-controlling step because the gas-solid reactions of char are slower than the pyrolysis
reactions, limiting the global rate of reaction [?]. In general, it can be established that
the chemical reactions that govern the gasification process are (Table 2-1):
Table 2-1: Main reactions in biomass gasification process. Adapted from [?].




Biomass→ char + tar +H2O + (CO + CO2 +H2 + CH4 +N22) ≥ 0 R1
Char combustion
C + 1/2O2 → CO (Partial combustion) -111 R2
C +O2 → CO2 (Complete combustion) -394 R3
Char gasification
C + CO2 → 2CO (Boudouard reaction) -173 R4
C +H2O → CO +H2 (Steam gasification) -131 R5
C + 2H2 → CH4 (Hydrogen gasification) -75 R6
Homogeneous volatile oxidation
CO + 1/2O2 → CO2 (Carbon monoxide oxidation) -283 R7
H2 + 1/2O2 → H2O (Hydrogen oxidation) -242 R8
CH4 + 2O2 → CO2 + 2H2O (Methane oxidation) -283 R9
CO +H2O → CO2 +H2 (Water-gas shift reaction) -41 R10
1 Heats of reaction are + for endothermic reactions and - for exothermic reactions
2 If air is used as gasifying agent
The overall conversion efficiency of biomass to energy using gasification is estimated between
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75–80 % [?]. In the pyrolysis process, a fraction of the tars can not be completely converted
due to physical and chemical limitations [?]. In order to reduce these contaminants in the
product gas, the most used method is the cracking: catalytic or thermal [?, ?, ?]. The
latter requires energy to locally heat the gas in order to raise the temperature and promote
tar decomposition. The energy can be provided by a secondary partial oxidation (enable
combustion) or by direct thermal contact [?]. Gas cleaning reduces the overall conversion
efficiency owing to the additional energy required. According to McKendry [?], a uniform
and high temperature is ideal in order to achieve the total cracking of tar. Fluidized beds are
able to accomplish the uniform temperature requirement due to the good gas-solid contact
and mixing inside the bed, which improves the heat and mass transfer inside the reactor;
secondary air can locally raise the temperature promoting thermal cracking. The use of
secondary air improves the tar removal, but reduces the gas heating value owing to the
formation of combustion product gases [?, ?, ?, ?].
Gasification technologies
There are different types of gasifiers, which can be mainly classified depending on the type
of bed in fixed beds, moving bed and fluidized bed, however, for biomass gasification it is
nowadays also possible to find entrained flow and plasma reactors. The main differences are
given according to the contact mode (counter-current, co-current, cross flow)between the
solid phase (biomass) and the gas phase (gasifying agent), mode and rate of heat transfer
(direct or indirect) and the residence time of the particle (biomass) in the reaction zone [?].
Fixed bed
There are three types of fixed bed gasifiers according to the flow direction of the
gasifying medium with respect to the bed: updraft, downdraft and sidedraft reactors.
In the updraft gasifiers the gasifying medium moves upwards and the solids move in the
opposite direction, the syngas produced moves upward; in the downdraft technology
both the solid and the gas move downward, the syngas leaves the reactor from the
bottom [?]. In the sidedraft reactor the fuel is fed from the top and the gasifying agent
and syngas flow sideways through it [?].
Moving bed
The moving bed is formed by a cylindrical chamber rotating. The chamber has an
inclination (1–3 %) to allow the flow of material through the reactor. This sort of tech-
nology presents leakage problems because of the moving parts but the initial investment
is reduced, whereby is a still widely used technology [?].
Entrained flow reactor
In an entrained flow reactor high speeds of the gas-solid suspension are handled inside
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the reactor. To reach these velocities, fine material must be used (0,1–1 mm particles).
The gasifier operates at high temperatures (1300–1500 ◦C) and pressures (25-30 bar)
[?]. The fuel and the gasifying agent are fed in co-current to the gasifier and form a
turbulent flow which improves carbon conversion efficiencies. The fuel can be injected
in either dry or slurry form, the former uses a pneumatinc feeding while the latter is
atomized in order to be admitted into the reactor.
Plasma reactor
The plasma is an ionized gas stream at high temperature (up to 10, 000 ◦C) obtained
from the application of an electric discharge, typically indicated as “arc”. The plasma is
able to convert the organic matter into a syngas in the presence of an oxidizing agent.
This sort of technology requires frequent maintenance and large initial investment.
The energy necessary to form the plasma can sometimes be greater than the energy
produced [?].
Fluidized bed
The fluidized bed is the most used technology for biomass gasification. Biomass fuel in
a wide range of particle size, moisture content, and ash or grit content can be gasified
[?]. These gasifiers offer advantages such as easy scale-up, flexibility regarding feedstock
type and size, uniform temperature distribution and high carbon conversion efficiency
[?, ?, ?].
Fluidized bed gasifiers can be classified as bubbling (BFBG) and circulating (CFBG).
In the former, the bed material is fluidized at a velocity close to the minimum flui-
dization so that there are bubbles that agitate the bed and improve the exchange of
mass and heat inside the reactor [?]. The circulating technology is characterized by
high fluidization velocities that lead to large entrainment of particles. Owing to this,
the CFBG has a system in charge of returning the solids particles into the reactor.
Recycling of unburned biomass and bed material leads to a greater efficiency of carbon
conversion by increasing the residence time of particles[?, ?]. Bridgewater [?] summari-
zed the main properties of the circulating technology as: relatively simple construction,
greater tolerance to particle size range than fixed beds, good temperature control and
high reaction rates, moderate tar levels in product gas, high carbon conversion, good
gas-solid contact and mixing, operation can be more difficult than fixed beds, high
specific capacity, high conversion efficiency, limited turndown and very good scale-up
potential.
Fluidized bed reactors have advantages and disadvantages depending on the various
technological solutions: bubbling fluidized beds or circulating fluidized beds. Table 2-2
shows the main advantages and disadvantages of these types of reactors.
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Table 2-2: Advantages and disadvantages of fluidized bed reactors. Adapted from [?].
Reactor type Advantages Disadvantages
-High mixing and gas-solid contact -Loss of carbon in the ashes
-High carbon conversion -Dragging of dust ans ashes
Fluidized -High thermal loads -Need to have a relative low temperatures
Bed -Good temperature control to avoid phenomena of defluidization of the
-Can handle materials with different bed (temperature lower than the softening
characteristics point of the solid residues)
-Good flexibility both of load and process
Fluidized bed
-Suitable for highly reactive fuels such as -Restrictions on the particle size
biomass and pre-treated municipal waste -High investment and maintenance costs
Bubbling -Low level of tar in the syngas
fluidized -Easy start-up, shut down and control
bed -Possibility to use catalysts even on a large
scale (thanks to the good temperature control)
-No moving parts
-Good ability to scale-up
-Lower tar content -Possibility of ashes casting
-High conversions -Loss of carbon in the ashes
-Flexible load -Requires the reduction of size (the solid
Circulating -Reduced residence times material must be pulverized to sizes
fluidized -Good ability to scale-up lower than 100 mm)
bed -Good flexibility both of load and process -Reduced residence times
-High start-up costs and investments
2.3. Fluidization
Fluidization refers to a phenomenon in which a bed of particles are in a suspended state
in which they have characteristics similar to a fluid. The suspension is achieved by passing
an upward flow through the bed of solids in such a way that the drag force exerted on the
particles is able to support the weight of the bed, keeping the particles suspended within the
fluid. The onset of the fluidization is known as minimal fluidization.
2.3.1. Classification of powders
Geldart [?] carried out fluidization experiments with particles of different sizes and nature,
in which he observed that the behavior of solid particles in fluidized beds depends mostly
on their size and density. Based on the results, Geldart proposed a classification of powders
into four different types as it can be seen in Fig. 2-3 and is described as follows:
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Figure 2-3: Clasification of powders by Geldart. Taken from [?]
Group C
In this group the cohesive materials are found. Fine powders present this behavior in
which the forces between particles are larger than the forces that the fluid and the
gravity can exert on them. Due to this, in general the solids belonging to this group
exhibit difficulties to fluidize. Their sizes are usually less than 30 µm and densities
from 0.4 to 1 g/cm3.[?]. Depending on the bed diameter, two behaviors can occur: in
small diameters, slugging is formed since the cohesion force between particles does not
allow the separation of groups of particles, so pistons or slugs are formed in the tube; in
larger diameters, channels are formed through the bed because the fluid is not able to
overcome the force between particles and moves between them towards the bed surface
[?]. These particles can improve their fluidization by mixing larger particles into the
bed.
Group A
Also known as aeratable particles. In this group, these fine powders do not present
cohesion, therefore they are easily fluidized and smooth fluidization occurs. The bed
tends to expand when fluidized at gas velocities between the minimum fluidization
and the bubbling, under these conditions the bed does not present bubbles. Beyond
the bubbling velocity, small bubbles appear in a controlled manner. Depending on the
size of the bubbles it could be presented axial slugs [?]. The particle’s size are usually
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less than 200 µm and densities from 0.4 to 2 g/cm3.
Group B
They are particles called “sand like” or “bubbly particles”, because at gas velocities
close to the minimum fluidization bubbles are formed, which means that umb ≈ umf .
Once the particles are fluidized, the gas moves through the bed by means of bubbles,
which decreases the mixing between the gas and the particles. Sizes from 150 to 500
µm and densities from 1.4 to 4 g/cm3 [?].
Group D
These solids are very large and/or dense, sizes larger than 400 µm and densities larger
than 1 g/cm3. Two phenomena can be presented using this powder: spouting and
slugging. The gas generally moves through channels due to the large size and high
density of the particles exhibiting a jet at the surface of the bed. In deep beds is
difficult fluidize the particles due to the formation of channels and high flow rates are
required to achieve fluidization; to obtain bubbling regime, low bed height is required.
In order to avoid slugging, an expansion is made in the bed [?].
2.3.2. Fluidization relationships
The bed remains fixed when a fluid passes through the bed at low velocity, meaning there
is no movement between the particles, whereby the height of the bed remains constant. The
pressure drop in this phase is due to the friction between the gas and the bed. In the Figure
2-4 the pressure drop through a fixed bed is observed:
Figure 2-4: Pressure drop in a fixed bed ∆Pb with height L and cross sectional area At.
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At higher gas velocity, fluidization occurs when the drag force produced by the upward
moving gas (∆PbAt) is equal to the weight of particle in the bed (Wb), Eq. 2.1:
∆PbAt = Wb or ∆PbAt = AtLmf (1− εmf ) [(ρs − ρg)] (Eq. 2.1)
Where Lmf and εmf are the bed height and the void fraction at minimum fluidization res-
pectively; ρs and ρg are the solid and gas density. The balance between weight of particles
and bed pressure drop indicates the onset of fluidization as is shown in Fig. 2-5:
Figure 2-5: Graphical determination of the point of minimum fluidization. Taken from [?]
Point A in the Figure 2-5 corresponds to the onset of fluidization. The crossing between the
weight of the particles over the transverse area of the bed (W/At), and the pressure drop
across the bed ∆Pb determines the velocity of minimum fluidization (umf ). A phenomenon of
hysteresis observed on the graph indicates that when increasing the flow rate, it is necessary
to overcome the cohesive force between the particles, while when decreasing the flow velocity,
this force is not present. At larger flow rate than the onset of fluidization, the pressure drop
remains constant up to the initiation of entrainment. A fixed bed expression proposed by


















The first term on the right of Eq. 2.2 corresponds to the pressure drop due to viscous effects,
which predominate for low Reynolds (Re < 20). The viscous effect depends on particle
properties such as de particle diameter dp and the sphericity φs, and the viscosity of the gas
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µg. The second term of Eq. 2.2 is related to the pressure drop due to turbulent effects, which
prevail for large Reynolds (Re > 1000) [?]. The turbulence depends on the gas velocity u,
particle properties (dp, φs) and the gas density ρg. For minimum fluidization equalizing and
rearranging the Eq. 2.1 and Eq. 2.2:
d3pρg (ρs − ρg) g
µ2
=















The last expression could be expressed using dimensionless numbers: Archimedes and Rey-
nolds.
Ar =






The Archimedes number (Ar) relates gravitational to viscous forces on the particles, while
the Reynolds number (Re) refers to the relationship between inertial and viscous forces.
Using these numbers, Eq. 2.3 is transformed into:
Ar =









According to Eq. 2.5, the parameters that accompany the viscous and turbulent terms of the
Ergun equation are grouped into two values: K1 and K2. The relationship between viscous,
inertial and gravitational forces in a fixed bed is observed through the dimensionless numbers,
Archimedes and Reynolds. From Eq. 2.3 it can also obtain an expression for the minimum
velocity of fluidization:



























p,mf +K2Rep,mf − Ar = 0
)
, Eq. 2.5, or
for the minimum fluidization velocity (au2mf + bumf − c = 0), Eq. 2.6, umf can be calculated.
Several researchers have experimentally determined the values of constants K1 and K2, for
different ranges of conditions, some recommended values of K1 and K2 are presented in Table















The initiation of entrainment is of certain particles defined by its terminal velocity (ut).
Based on fluid mechanics analysis an expression for the terminal free-fall velocity is defined
by Eq. 2.8:
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Wen and Yu (1966) 33, 7 0, 0408
Richardson (1971) 25, 7 0, 0365
Saxena and Vogel (1977) 25, 3 0, 0571
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Grace (1982) 27, 2 0, 0408
Chitester et al. (1984) 28, 7 0, 0494
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Where CD is the drag coefficient of the particle.
2.3.3. Fluidization regimes
When solid particles are fluidized, the bed behaves differently depending on gas velocity, and
the properties of gas and solids. A number of regimes of fluidization may appear, as shown
in Fig. 2-6. At a low flow rate the force exerted by the fluid on the particles of the bed
is not able to overcome the resistance due to its weight, so the fluid finds a path between
the particles through which it flows. A pressure drop is generated due to friction with the
particles. This state is known as fixed bed and is shown in Fig. 2-6(a). If the fluid velocity
is progressively increased, the pressure drop and friction on the individual particles increase.
The state at which the drag force counteracts the weight of the solid is the point of minimum
fluidization, at this point the bed is expanded (Fig. 2-6(b)) and the pressure drop is the
maximum. At higher flow velocity the pressure drop remains constant regardless of increasing
the flow; when the fluid is a liquid, the bed presents larger bed expansion than fluidization
with gas as shown in Fig. 2-6(c) and (d), otherwise when the fluid is a gas, bubbles appear
in the bed which coalesce and grow as they rise through the bed (Fig. 2-6(d)). If the bubbles
coalesce to a size large enough equal the diameter of the reactor, a phenomenon known as
slugging appears. The slugs can be axial (Fig. 2-6(e)) or flat (Fig. 2-6(f)) depending on
the ratio between the diameter and the height of the bed. With further increasing of the
flow velocity, a point is reached where the terminal velocity is exceeded and the particles
are entrained from the reactor and the upper surface of the bed disappears as is observed
in Fig. 2-6(g). The pneumatic transport is achieved when the particle velocities are close to
the gas velocities, becoming a disperse phase (Fig. 2-6(h)).
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Figure 2-6: Types of fluidization. From [?]
The fluidization regimes are presented in several charts developed by various researchers.
Each map has a particular use, but according to Kunni and Levenspiel [?], the map built
by Grace [?] is the most useful for engineering applications. The dimensionless particle size(
d∗p
)
and dimensionless velocity (u∗) (Eq. 2.9) grouping gas and solids properties and they
are used as axes in the Grace diagram.
dp∗ = dp
[











The use of dimensionless variables allows to evaluate the contact regime for the different
types of particles A, B, C and D according to the Geldart classification, under different ope-
ration conditions such as temperature and velocity, and using different fluidization medium,
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therefore this map is useful for estimating the contacting regime as is shown in Fig. 2-7.
Figure 2-7: Grace diagram for the regimes of gas-solid contacting according to the Geldart
clasification of particles (A,B,C,D). Taken from [?]
A graphical representation of the equations used to calculate the minimum fluidization ve-
locity and the terminal velocity is observed in the Grace diagram shown in Fig. 2-7, so it is
possible to directly evaluate these transitions. Using the diagram, the contact regime can be
determined according to the type of particle, the gas and solids properties, and the velocity
at the conditions of the process.
Being able to predict the contact regime of a bed is useful for the design of processes since
it allows establish whether additional equipment is necessary such as separation and recir-
culation systems, in the case of circulation. Besides, depending on the selected regime, it is
possible to carry out the sizing of this equipment according to the circulation rate, flow, gas
and solid properties, and velocity required to reach the regime at the expected operating
conditions.
3 Design of the circulating fluidized bed
gasifier
In this chapter the general procedure for sizing the systems that make up the circulating
fluidized bed gasifier is presented. The unit is divided into 5 sub-systems: 1) reactor body
where the reactions take place, 2) solids separation system in charge of separating the solid
particles from the synthetic gas, 3) solid recirculation system responsible for returning the
separated material to the reactor, 4) biomass feeding system which controls the feed rate to
the reactor, and 5) reactor heating system which gives the energy required to initiate and
maintain the reactions. A schematic of the complete unit is shown in Fig. 3-1. The design
methodology for each sub-system was proposed based on literature review and is presented
below. The design considerations are described together with the methodology used for the
design of the different components.
In the design the following characteristics were previously selected:
Gasification with air: the initial design considers only air gasification but should
remain flexible to modifications in order to operate with different gasification agents,
such as steam or oxygen.
Semi-continous operation: as a laboratory facility, the unit should offer the possi-
bility for steady state operation during four hours only.
Fluidization regimes from bubbling up to fast fluidization: operation with
medium fluidization velocities in the bubbling regime up to high fluidization velocities
in the fast regime should be possible.
medium up to velocities of fluidization agent close to fast regime should be possible. A
secondary air injection is considered so that the fluidization velocity and air equivalence
ratio can be controlled independently.
Circulating configuration: the operation at higher velocities requires a particles
recirculation system. Operation at low velocities can be carried out at very low or no
solids circulation rates.
Thermal power of 10 kWth: this scale is limited by the laboratory facilities, but
still offers the possibility of analyzing the whole process.
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Figure 3-1: Schematic of the laboratory scale fluidized bed gasifier showing the sub-systems,
and the inputs and outputs of the gas and fuel.
Possibility for gasifying different types of residual biomass: the design should
therefore consider that operation conditions may vary from one biomass to other, e.g.
the operation velocity which depends on the air required to gasify each biomass.
3.1. General methodology
Two approaches are generally used for the design of equipment for thermochemical trans-
formation. The first consists of defining the energy output that could be obtained from an
available feedstock; on the contrary, the second is based on an energy requirement and the
raw material required to achieve it. The basic design of a laboratory scale gasifier for residual
biomass in a circulating fluidized bed is made using the second approach, that is, based on
the energy requirement. The larger the power output the larger the handling systems, hence
the desired power output for the unit (P ) is defined as the main parameter for the design. In
the general methodology presented in Fig. 3-2, the input parameters for the design are the
power requirement, the process conditions the material properties and the fluidization regi-
me. The product gas composition can be obtained from experimentation or from equilibrium
models using process conditions such as temperature and pressure, and material properties
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of the biomass and reaction agent, then the product gas properties are calculated from the
gas composition. From the power output, the required flow rate of product gas is calculated
and using mass balance the biomass and gasifying medium are determined. Different metho-
dologies are used to size each system: the flow rate of product gas is used to size the reactor
body together with the gas residence time and the transport disengaging heigh (TDH); the
flow rate of product gas is also used to size the solids separation system, the PSRI or the
VDI methods are commonly used to size cyclones; the recirculation system is design based
on the dimension of both, the reactor body and the solid separation system, and a condition
gicen by the pressure balance of the system; the feeding system is designed to handle the
required mass flow of biomass, the Jenike method is used to design hopper-screw systems;
and the reactor heating system is determined according the mass and energy balance of the
unit.
Figure 3-2: General methodology for the design of the laboratory scale fluidized bed gasifier
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3.1.1. Mass and volume flows
From the desired power output (P ) and the lower heating value of the product gas (LHVg),
a theoretical volumetric flow of product gas at normal conditions (V̇
′








The LHVg depends on the gas composition, which can be determined experimentally or
from equilibrium or kinetic models. Thermodynamic equilibrium assumes reaction times long
enough to obtain a stable state in the formation of products, meaning there are no further
changes in the concentration of reactants or products. Among the models used to predict
the equilibrium concentration are the stoichiometric and the non-stoichiometric. The former,
calculate equilibrium constants for the reactions assumed in the system in order to complete
the stoichiometric balance and to determine the unknown concentration of gas products;
the model is easy to implement but requires prior knowledge of the reactions occurring in
the gasifier. The non-stoichiometric models are based on the minimization of the Gibbs
free energy (equilibrium is reached when the Gibbs energy is minimal); it does not require
prior knowledge of the reactions but is more difficult to implement due to the complexity of
the mathematical approach. The equilibrium models can not predict highly accurate result
due to its inherent assumptions: the residence time, feed configuration, internal mixing and
gas–solid contacting pattern account for large deviation [?], then the above must be taking
into account for the design. From modelling or experimental data, the gas composition
expressed in molar fraction of each species in the product gas (ni) is used together with the





The calorific value of each species in the product gas can be obtained according to DIN
51850 or from literature. The design process conditions (temperature and pressure) were
selected based on literature review: 750 ◦C and 1 atm [?, ?, ?, ?, ?, ?]. The design takes into
account the properties of residual biomass available in Colombia with high potential for ther-
mochemical utilization [?], the approximate composition of the product gas, process yield,
and mass flows were calculated based on information extracted from literature and consi-
dering the composition and thermochemical properties of the biomasses. For air-gasification
of residual biomass in fluidized beds, calorific values between 2.4-7 MJ/Nm3 are reported in
literature as is shown in Table 3-1, these values were used for the design.
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Table 3-1: Lower heating value of the product gas of the selected biomasses
Biomass Lower heating value Reference
MJ
Nm3
Oil palm rachis 3,27-5,37 [?]
Sugarcane bagasse 4,56 [?]
Coffee husk 3-7 [?, ?]
Rice husk 4-6 [?, ?]
Poultry litter 2,5-6 [?, ?]
Forest waste 2,43-6,13 [?, ?]
Product gas
The overall mass balance of the process relates the biomass (ṁbm) and the gasification
medium (ṁgm) mass flows required to produce the desired product gas mass flow (ṁg). The
mass flow of residues (ṁw) is used including the fraction of unconverted carbon wC(1−X)
and the biomass ash (ASH) obtained from the proximate analysis. The mass balance is shown
in Fig. 3-3 and given by Eq. 3.3.
Figure 3-3: Mass balance used to calculate the mass flows in the fluidized bed gasifier
ṁg = ṁbm + ṁgm − ṁw (Eq. 3.3)
The product gas mass flow can be determined using the values for the volume flow (φg) and
the gas density (ρg) at the process conditions (T, p) calculated assuming the ideal gas model
for the mixture:
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Residues
The mass flow of residues is given by Eq. 3.5:
ṁw = [wC (1−X) + ASH] ṁbm (Eq. 3.5)
Where X is the efficiency of carbon conversion with values of 80-90 % in fluidized beds [?, ?].
The values of wC and ASH are obtained from ultimate and proximate analysis. The values
for the selected biomasses are presented in Tables 3-2 and 3-3.
Table 3-2: Proximate analysis on dry basis (percentages by weight)
Biomass %C %H %N %O %S HHV Reference
MJ
Nm3
Oil palm rachis 43,52 5,72 1,2 48,9 0,66 15220 [?]
Sugarcane bagasse 48,64 5,87 0,16 42,82 0,04 19010 [?]
Coffee husk 49,4 6,1 0,81 41,2 0,07 18340 [?, ?]
Rice husk 39,78 4,97 0,46 40,02 0,2 14144 [?, ?]
Poultry litter 38,1 5,6 3,5 34,9 0,6 14850 [?, ?]
Thinleaf pine 54,45 7,04 0,52 37,79 0,01 19031 [?, ?]
Table 3-3: Ultimate analysis (percentages by weight)
Biomass %VM %M %ASH %FC Reference
Oil palm rachis 79,34 7,8 4,5 8,36 [?]
Sugarcane bagasse 86,62 4,5 2,44 11,95 [?]
Coffee husk 83,2 10,1 2,5 14,3 [?, ?]
Rice husk 70,36 - 14,6 15,07 [?, ?]
Poultry litter 55,3 20 17 7,7 [?, ?]
Thinleaf pine 74,33 8,07 0,2 25,46 [?, ?]
Biomass and gasification medium
The mass flow of the gasification medium (ṁgm) depends on the reducing atmosphere used
to carried out the gasification; air, steam, carbon dioxide, oxygen and hydrogen are the most
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common. Here, the procedure to determine the amount of reaction agent is described for the
case of air and steam.
Air gasification
For air gasification, the stoichiometric air to fuel ratio for complete combustion (mAF )
is used as reference to define the oxygen required for the reactions. To gasify biomass
the reducing atmosphere requires limited oxygen which is defined by the equivalence
ratio (ER) (ratio of the actual air to the stoichiometric air), therefore values between
0,2 − 0,3 are recommended for ER to guarantee the oxygen requirement [?, ?, ?, ?].
The lower limit of the equivalence ratio is determined by the amount of air required
by the gasifier to generate enough heat to support the endothermic reactions and to
maintain the temperature of the reactor. When the equivalence ratio is higher than the
upper limit, the tar content in the gases increases and the gas heating value decreases
due to the formation of combustion gases. The combustion increase the temperature
which must be limited in order to avoid the ash melt [?, ?]. The air requirement for
the gasification is obtained from the Eq. 3.6:
ṁgm = (mAFER) ṁbm (Eq. 3.6)
• Stoichiometric air to fuel ratio (mAF)
To determine the stoichiometric air to fuel ratio (mAF ) the general reaction for
complete combustion is used as reference (Eq. Eq. 3.7). The composition of the
biomass is obtained from the ultimate and the proximate analysis and used to
determine the molecular formula of the biomass (CxHyNzOwSv).
CxHyNzOwSv +mH2O︸ ︷︷ ︸
Biomass
+m̄O2 (O2 + 3, 76N2)︸ ︷︷ ︸
Air
→










, stoichiometric molar oxygen
b, c, d, e [−], stoichiometric coefficients
From the balance of elements, the values of m̄O2 and the stoichiometric coefficients




+ v − w
2
, b = x , c =
y
2
, e = v (Eq. 3.8)
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The composition by weight of the air is 23,16 % oxygen, 76,8 % nitrogen and 0,04 %
inert gases, meaning 4,76 kmol of air/kmol of O2. The molecular weight of air
Mair = 28, 93 kg/kmol (obtained from the molecular weights and molar fractions
of the gases in the air mixture). According to this, the molar stoichiometric air
to fuel ratio to complete combustion (m̄AF ) is:
m̄AF = 4, 76m̄O2 (Eq. 3.9)














The molecular weight of the biomass (Mbm) is obtained from the stoichiometric
coefficients and the molecular weights of C, H, N, O and S:
Mbm = 12x+ y + 14z + 16w + 32v (Eq. 3.12)
mAF = 4, 76 (28, 93)
x+ y
4
+ v − w
2
12x+ y + 14z + 16w + 32v
(Eq. 3.13)
• Mass flow of biomass (ṁbm)
From the overall mass balance (Eq. 3.3) and the mass flow of the gasification
medium (Eq. 3.6), the mass flow of biomass is obtained:
ṁg = ṁbm + ṁbmmAFER− ṁbm [wC (1−X) + ASH] (Eq. 3.14)
ṁg = ṁbm (1 +mAFER− wC (1−X) + ASH) (Eq. 3.15)
Therefore, the mass flow biomass is calculated using Eq. 3.16:
ṁbm =
ṁg
(1 +mAFER− wC (1−X) + ASH)
(Eq. 3.16)
Steam gasification
The steam gasification contributes to the generation of hydrogen [?, ?], then the steam
gasification reaction (Table 2-1, R5) is used to calculate the reaction agent required:
C +H2O → CO +H2 (Eq. 3.17)
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Where mSF is the stoichiometric steam to fuel ratio and S/C is the molar steam ratio.
Increasing the molar steam ratio increases the hydrogen production, nevertheless for
values higher than three, the excess of steam does not react and the efficiency of the
process decreases, thus, it is recommended to use S/C between 2 and 2,5 [?, ?].
• Stoichiometric ratio steam-fuel (mSF)
The reaction in Eq. 3.17 can be expressed as Eq. 3.19:
12kg, C + 18kg,H2O → 28kg, CO + 2kg,H2 (Eq. 3.19)
From Eq. 3.19 it is observed than for 1 kg of C, 18/12 kg of H2O are required,










• Mass flow of biomass (ṁbm)
Using the overall mass balance (Eq. 3.3) and the mass flow of the gasification
















− wC (1−X)− ASH
]
(Eq. 3.23)

























, weight fraction of the carbon in the biomass
Once the mass flow of the gasification medium (ṁgm) is known, it is possible to determine





The required flows calculated are used to size the sub-systems of the unit as is described
below.
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3.2. Reactor body
The reactor body is the main component of the unit because this is where the gasification
reactions take place. The biomass enters the reactor and exchange heat with the bed material
at the process temperature, the gasification occurs when the biomass reacts with the gasifying
medium producing the synthesis gas.
The dimensions of the reactor depend on the desired capacity and the flow rates used, there-
fore, here, the methodology used for the design of the reactor body is presented in Fig. 3-4,
taking into account the required flow rates of product gas, gasification medium and biomass
which are determined using the general methodology described in the previous section. The
height and the diameter of the reactor are obtained as result of the methodology presented,
using as input variables the flow rates and the fluidization regime. The former depends on
the desired power output and the biomass used, while the latter is selected according to the
desired contact regime. The reactor has a circular section and an expansion which compen-
sates for the increase in the volume of the gases flowing inside. According to this, the reactor
is divided into two zones: lower and upper (the latter of larger diameter). The cross section
area is selected according to the required product gas (V̇g) and gasification medium flows
(V̇gm), the fluidization regime and commercial piping diameter. The height can be obtained
from two approaches: chemical and fluid-dynamic. In the chemical approach is determined
the reactor height for which is obtained the biomass residence time (τ) required to reach the
desired biomass conversion, in the fluid-dynamic approach is defined the transport disenga-
ging height (TDH) at whose height the solids entrainment does not change appreciably [?].
Several methods can be used to determine the TDH, among them the Horio, Fournol, Frantz
and Juhl, Amitin, and Zenz and Weil are the most common kunii1991fluidization.
3.2.1. Fluidization regime
The diameter of the gasifier is defined taking into account the flow rates to be handled (the
volume flow rates of the gasification medium and the product gas) and the desired fluid
dynamic behaviour in each zone (superficial gas velocity, U, corresponding to the selected
regime). The lower zone of the reactor is expected to operate fixed between the onset of the
bubbling regime and the onset of the fast regime; the operation in the upper zone is desired
to be close to the onset of the fast regime. The mentioned range is located on the Grace
diagram [?] and presented in Fig. 3-5.
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Figure 3-4: Methodology for the design of the reactor body.
3.2.2. Calculation of the cross section area
In a fluidized-bed reactor, two zones can be distinguished: a dense phase and a dispersed
phase. In the dense phase there are both the fines and the coarser particles, while in the
lean phase the density decreases with the height because some particles are entrained. The
height between the dense phase and the output of the reactor is known as freeboard height
(Hf ), the flux of solids depends on it.
The cross-section area required for the reactor in the upper and lower zones can be determi-
ned using Eq. 3.1, where the volumetric flux of the gases expressed as the relation between
cross section area and superficial velocity (V̇ ) is used for the calculation of the upper section





The mentioned limits were calculated for different mean particle sizes of the bed material
(Fig. 3-6). The diameters of the upper and lower sections of the gasifier were then selected
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Figure 3-5: Grace diagram presenting the upper and lower operation limit of the laboratory
scale unit.
making a compromise between the flow conditions in the two sections and the mean particle
size. Silica sand was selected as bed material with a mean particle diameter (dp) of 200 µm
and a particle density of 2600 kg/m3. The velocities were calculated taking into account the
properties (porosity, density, etc.) of the bed material and not those of the biomass to be
used, the approximate superficial gas velocity is used, as a first approximation, to several
types of gasification feedstocks [?]. According to this, the diameter selected for the lower
zone was 6,35 cm (2 1/2 in) and for the upper zone 7,62 cm (3 in). With these diameters the
operating window is ensured for the expected flows and the flexibility to work in different
fluid dynamic regimes is given.
Lower section diameter (DL)
The height of the lower section of the reactor was defined based on design recommendations
[?, ?]. Higher bed heights increase the solid residence time, but deeper beds can exhibit
slugging, therefore the bed depth should not much greater than its diameter [?]. According
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Figure 3-6: Diameter selection




= 5− 10 (Eq. 3.2)
Slugging prevents contact between the bed particles, so the transfer of mass and heat de-
creases. According to this, a ratio of 6 corresponding to a height of 0.4 m was selected for the
lower section in order to avoid slugging. The pressure drop at minimum fluidization velocity
was calculated and the corresponding void fraction was measured experimentally for the
selected bed material (at room conditions), εmf = 0,58 was obtained. The pressure drop due
to the bed material can be calculated, using the Eq. 2.1 [?].
Upper section diameter (DU)
For the upper section, two approaches are used to determine the height: the chemical and
the fluid dynamic. For the gasification, the first approach is more appropriate due to the
importance of the biomass conversion efficiency in the process. The fluid dynamic approach
is briefly discussed.
Chemical approach
The residence time of the biomass (τ) in the gasifier depends on the size of the reactor,
therefore with the aim of reaching the residence time required to complete the gasi-
fication reactions, the total height of the fluidized bed (Htot) is determined [?]. The
chemical approach assumes that the conversion of char into synthetic gas is the slowest
step in the gasification process [?], therefore the reaction rate (r) is determined from
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where ṁbm is the mass flow of biomass, ρs is the particle density of the bed material.
The fraction of biomass by weight in the bed, wbm, usually lying between 5− 8 % [?].
• Residence time (τ)
The conversion of char is considered to be the slowest reaction in the process,
therefore the procedure to estimate the reaction rate (r) is represented by the
water–gas reaction:
C +H2O → CO +H2 (Eq. 3.5)








The values of k and n are determined experimentally. In the experiment at cons-
tant temperature, an initial amount of biomass (mbm) is used, the total char
gasified (C) and the water concentration, [H2O], are measured as a function of
the time. Log-log plots are used to determine k and n as is shown in Fig. 3-
7,a. The y-intercept corresponds to ln(k), then k can be calculated. The slope








= ln (k) + nln [H2O] (Eq. 3.7)
Experiments can be carried out for different temperatures, and so, k can be defined







Plotting the ln(k) and the 1/T axis, the values of ko and Ea/RT are obtained as
is shown in Fig. 3-7,b, Eq. 3.9.
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(a) Reaction for nth order kinetics (b) Arrhenius equation for the reaction
Figure 3-7: Determination of k, n, ko and E/R for the steam gasification reaction. Taken
from [?]











Each biomass must be characterized in order to know the corresponding reaction





Co is the initial amount of carbon in the biomass.
Fluid dynamic approach
In the fluid dynamic approach the height of the reactor depends on the desired solids
circulation, therefore the freeboard height, Hf , is selected based on the determination
of the transport disengaging height (TDH). At this height, the entrainment does not
change significantly thus depending on the solids circulation requirement, the Hf is
selected.
• Transport disengaging height (TDH)
The entrainment varies depending on the freeboard height as it is shown in Fig.
3-8. For Hf > TDH, the entrainment is constant, therefore making the reactor
higher does not modify the flux of solids but the residence time can be increased.
For Hf < TDH, the entrainment is higher because both fine and coarse particles
can be dragged. The TDH represents the minimum freeboard height which is re-
quired to obtain a manageable carry-over of particles into the cyclones [?], several
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methods have been proposed to estimated this. Baron [?] made a study of the
transport disengaging height and summarized some of the most used correlations
(Table 3-4)
(a) Hf > TDH (b) Hf < TDH
Figure 3-8: Entrainment of solids as a function of the freeboard height Hf . Taken from [?]
Table 3-4: Summary of the TDH correlations. Taken from [?]
Authors TDH correlations
Zenz and Weil (1958) graphical correlation
Zenz (1983) graphical correlation
Amitin et al. (1968) TDH=1, 08U1,2g (6, 71− 1, 2log10Ug)
Frantz and Juhl (1972) TDH=8, 410−4dpρ
0,33
g µ
0,29D0,16Umg with m = D
−0,13
Fournol et al. (1973) TDH=103U2g /g
Horio et al. (1980) TDH=14
√
DB/g
In this work, two methods are presented: the one from Zenz and the one from
Fournol.
◦ Zenz method
Zenz and Weil [?] proposed a theoretical-empirical approach to the mechanism
of particle entrainment from fluidized beds. The model is applied to fine
particles in large diameter nonslugging beds. The graphical correlation is
presented in Fig. 3-9:
◦ Fournol method
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Figure 3-9: Estimation of the transport disengaging height by Zenz method (dt is the reac-
tor diameter and uo the superficial velocity.). Taken from [?]
The Fournol method uses dimensional analysis to determine the TDH. The
Froude number (Fr) remains constant for a particular system (Eq. 3.12),
therefore a particle particle size at a particle superficial velocity, the TDH
value is experimentally measured. Once the TDH has been defined, the Froude





= 10−3 (Eq. 3.12)
From the total height of the reactor (Htot), the upper section height can be calculated, Eq.
3.13:
Htot = HU +HL (Eq. 3.13)
An upper height of 0.8 m corresponding to an average residence time of the gases (τ) of
0.15-1.7 s was selected. The average residence time was obtained from the free volume in the





In order to determine the residence time using the chemical approach, experiments of the
residence time must be carried out for each of the biomasses since there is not enough
information in literature about this.
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3.2.3. Secondary fluidization
The secondary fluidization contributes to the tar removal, but at the expense of the product
gas heating value [?, ?], because the addition of secondary air can favor thermal cracking
which increases the temperature in the reactor and promoted the formation of combustion
gases. The high temperature separates heavy components contributing to tar removal, but
decreasing the product gas heating value due to the formation of combustion gases. A se-
condary fluidization inlet was proposed in order to study the tar removal and its influence in
the product gas heating value of the selected biomasses. For the cold model three injection
ports were used with the aim of studying the fluid dynamic influence of these.
According to Thapa [?], the optimum secondary air feed position is obtained when the ratio
of secondary air feed position to the total height of the reactor is 0,375. Based on the above,




The gas or fluidization medium distributor creates the pressure drop necessary to achieve a
homogeneous fluidization (Fig. 3-10). A low resistance distributor can cause nonuniform flow
due to differences in the density across the bed that result from the formation of bubbles.
An adequate pressure drop in the distributor avoids the influence of the bubbles generation.
Among the main types of distributors [?, ?, ?], the perforated plate was selected because
of its simplicity in construction and operation, low cost and suitability for small units. The
calculation procedure suggested by Basu [?] to size the distributor plate was followed.
Figure 3-10: Nonuniform fluidization. Taken from [?]
The design of the distributor uses the relationship between the pressure drop in the distri-
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butor (∆Pd) and the bed (∆Pb ) as the main parameter [?, ?]. The recommended values for
this relationship are between 0,15 and 0,3 for bubbling beds [?] and between 0,15 and 0,25
for circulating fluidized beds [?]. These values ensure the uniformity of the flow. According
to this, the pressure drop in the distributor is given by Eq. 3.15.
∆Pd
∆Pb
= 0, 15− 0, 20 (Eq. 3.15)
The gas velocity at the orifice (Uo) is given by the Eq. 3.16, where the friction coefficient
inside the hole, CD, is given by Zenz [?] as 0,8, and ρg,or is the gas density passing through
the hole. Orifice velocities for a circulating fluidized bed distributor between 30 and 90 m/s
are considered adequate [?]. The number of holes in the distributor (N) is determined from

















The air box or plenum has the function of entering the air uniformly through the distributor
plate. Non-uniform flows can produce not only jets through the bed but also defluidization
[?], therefore a proper design must be done. In the air box the air inlet can be located
vertically or horizontally.
When the entrance is lateral as is shown in Fig. 3-11, the height between the air inlet and
the distributor (Hb) must ensure that the flow entering laterally expands to a uniform flow
[?]. According to Basu [?], the following condition must be met:
Hb =
{
0, 2Db + 0, 5De for De >
Db
100




Where Db and De are equivalent diameters of the distributor and the air entrance respecti-
vely.
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Figure 3-11: Plenum with side entrance. Taken from [?]
3.3. Solids separation system
The separation of solids is of great importance in the operation of fluidized bed gasification
equipment. The increase in the residence time of the biomass and the recovery of the bed
material are among the main objectives of this system. Also, the control of emissions is of
utmost importance. For its proper handling, an additional stage in the gas cleaning process
is required. In general, in a first stage larger particles are separated from the hot upstream by
internal (inertial, centrifugal, diffusion and impact) forces, while in a second stage, a control
of the emissions and the particulate material is carried out in cold downstream by external
(gravity, electrostatic and magnetic) forces [?, ?].
In Fig. 3-12 recommended separators are shown according to the particle size. In fluidized
beds it is common to use centrifugal or inertial separators due to the particle size distribution
of the bed material used. The cyclone, impact separator and gravity settling chamber are
examples of them. The operation principle of the cyclone is based on the centrifugal forces
on the particles; in the case of the impact separators the impingement acts; while in the
gravity settling chamber the inertial forces are in charge of the separation.
In this work the cyclone was selected as solid separation system. The low capital cost, absence
of moving parts, simple construction, small spatial requirement and high efficiency make
a cyclone especially suitable for CFB boilers [?, ?]. The general methodology for cyclone
design is presented In Fig. 3-13: According to the application there are several types of
cyclones. The most common design in circulating fluidized bed gasifiers is the vertical axis
cyclone with a tangential inlet and axial discharge [?, ?]. In this design, there are different
configurations in the gas inlet: slotted, spiral and guide vanes. The selection depends mainly
on the the application, investment costs, construction and load of solids [?, ?]. This kind
of separator can operate under different duties: High throughput (HT) for large volumetric
flows, high efficiency (HE) for lower gas flows and high separation efficiency, and general
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Figure 3-12: Typical particle size of some materials and suitable methods for removing
them from a gas stream. Taken from [?]
purpose (GP) cyclones, whose characteristics are between the two above. Based on the duty
and the cyclone type, several researchers have proposed different geometrical relationships
for the cyclone design as shown in Table 3-5 [?, ?, ?].
The cyclone is designed to separate the solids entrained from the product gas and recirculate
them into the bottom of the furnace, meaning that both the properties of the gas and the
solids (bed material, char or ash) are required. Solid properties such as particle density, bed
density and size distribution, and gas properties such as the density and viscosity must be
known. Currently, there are two standard methodologies used to calculate cyclone yields.
The VDI (Verein Deutscher Ingenieure, in german) [?] and the PSRI method (Particulate
Solid Research Inc)[?], developed by the Particulate Solid Research Institute. Here, the
calculations were carried out following the VDI method because there is more bibliography
and information available regarding this method.
There are three important parameters used in the evaluation of cyclone performance: the
separation efficiency, the separation diameter and the pressure drop through the cyclone.
In order to calculate these parameters the methodology proposed in Fig. 3-13 was followed
using the VDI method, which will be described later. To obtain the initial dimensions it
is necessary to guess an initial diameter for the cyclone. The final design must be able to
separate particles of a specific size with a desired efficiency. Additionally, it is expected
to obtain low pressure drops in such a way that the energy consumption of the system is
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Figure 3-13: Methodology for the cyclone design
Table 3-5: Cyclone geometrical relationships. Adapted from [?].















Stairmand HT 0, 75 0, 375 0, 75 0, 875 1, 5 4 0, 375
Swift HT 0, 8 0, 35 0, 75 0, 85 1, 7 3, 7 0, 4
Lapple GP 0, 5 0, 25 0, 5 0, 6 1, 75 3, 75 0, 4
Swift GP 0, 5 0, 25 0, 5 0, 625 2 4 0, 25
Stairmand HE 0, 44 0, 21 0, 4 0, 5 1, 4 3, 9 0, 4
Swift HE 0, 5 0, 22 0, 5 0, 5 1, 5 4 0, 375
maintained at acceptable values. Once the parameters are verified, the final dimensions are
defined if the design requirements have been met, otherwise a different diameter must be
proposed and the procedure is repeated.
3.3.1. VDI method
Once the particle enters the cyclone, it is subjected to different forces; the centrifugal force
due to the circular path, the drag force caused by the friction between the fluid and the
particle, and the force of gravity. The resulting net force directs the particle towards the
bottom of the cyclone as shown in Fig. 3-14. The magnitude of these forces depends on
several parameters: solids properties such as particle size and density, gas properties such
as density, viscosity and entrance velocity. For particles of large size, the surface area of the
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particle is greater, so the drag on the particle increases; denser solids in turn have greater
influence of gravity due to their weight, meaning the particles fall faster. The entrance
velocity is an important factor, the faster the particle moves, the greater the friction with
the walls and the faster it loses energy making it fall.
Figure 3-14: Forces on the particle in the cyclone
The separation mechanism and separation efficiency of a cyclone depends on factors such
as the load of solids, gas velocity and cyclone geometry. The procedure for calculating the
velocities of the gas in the cyclone is presented below, then the efficiencies are calculated
according to the load of solids. At the end of the section, the pressure drops in the cyclone
are determined and a cyclone is selected for the laboratory-scale unit.
Velocities in the cyclone
The velocities that allow determining the cyclone efficiency are calculated as it will be pre-
sented below. The gas enters the cyclone tangentially causing the stream to concentrate in a
region near the wall, this contracts the flow. The contraction accelerates the gas flow increa-
sing its tangential velocity (ua). The contraction factor (α) takes into account this effect,
which mainly depends on the entrance geometry of the cyclone, expressed in terms of the
geometric relationship between the width of the entrance channel L and the outer radius ra
of the cyclone (β = L/ra). The increase in the load of solids (µe) prevents the flow contrac-
tion, therefore the gas stream does not accelerate further. The influence of α is observed in
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The entrance velocity (Ve) is due to the gas flow (Φv) at the entrance of the cyclone with an








The tangential velocity (ui) depends on the friction coefficient (λs) and the total internal
(a) Velocities (b) Coefficient of contraction
Figure 3-15: Velocities in the cyclone. Taken from [?]
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(Eq. 3.4)
If the lower diameter of the cone (E) is smaller than the diameter of the vortex tube (m),
then the cone area is calculated using the height, Y, at which the diameter of the cone is








+ πmF︸ ︷︷ ︸
V ortex tube area












The second term in the denominator of Eq. 3.3 takes into account the influence of the loading
of solids on the tangential velocity. The friction coefficient with the wall of the flow of gases
charged with solids (λs) is a function of the friction coefficient of the gas (λo) and the load of
solids µe. According to the Eq. 3.3 the friction due to solids in all the contact surfaces (total
internal area, AR) is higher when there is a high load of solids, this is, when the tangential
velocity is lower. This term can take values between 0,25 and 0,75 if the load ratio µe is
low, and values up to 2, if the load ratio is high. Depending on the load ratio, other ways to
determine the friction coefficient λs take into account parameters as the void fraction of the
solid strands εStr [?, ?]. The friction coefficient with the wall of the gas stream λo depends
on the roughness parameter ks/ra which can be calculated with the Reynolds number using


















π (r2a − r2m)
, rm =
√
rari , um =
√
uaui (Eq. 3.7)
The total flow of gas entering the cyclone (Φv) is separated into two streams: main or barrel
flow (Φv,m), and secondary flow (Φv,s). The main stream is about 90 % of the total flow of
gas entering the cyclone and moves downwards around the barrel of the cyclone in spirals,
when it reaches the inner vortex, it changes its direction upward to the cyclone’s gas outlet.
The secondary stream is directed towards the lid of the cyclone, moves around the vortex
tube and exits through it [?, ?], as it is shown in Fig. 3-16,a. Each of the streams will be
able to separate a specific particle size called separation diameter (d∗), that means there
are (d∗in) for the barrel flow and (d
∗
s) for the secondary stream. In addition, due to the high
load of solids a strand is generated along the cyclone in which the larger particles drag the
smaller, improving the overall separation efficiency. A representation of the streams is shown
in Fig. 3-16,b. According to the above, there is a separation diameter associated with the
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(a) Main and secondary gas
streams
(b) Separation due to the load of
solids
Figure 3-16: Gas and solids streams inside the cyclone
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load of solids (d∗e). This separation phenomenon will be discussed later. The axial velocity
depends on the main stream that passes through the barrel (Φv,m = 0, 9Φv). The velocity at




























Area of the upper part of the cone
(Eq. 3.9)
Where Aw is the clarification area.
The mean centrifugal acceleration z̄e along the streamline from the entrance of the radius r̄e






























The separation efficiency of a cyclone is a function of the dust loading of solids µe. In
general three separation mechanisms can be identified. The first appears only when the
load ratio is higher than the load limit (µe > µlim). The high load of solids involves the
formation of strands that separate most of the solids from the gas, while the remaining
fraction is separated through the second and third mechanisms; the second mechanism occurs
in the body of the cyclone while the third occurs in the vortex tube, both processes use the
centrifugal action to separate the particles [?].
Low load ratio (µe < µlim)
When the dust loading is lower than the limit ratio (µe < µlim), the first mechanism
does not take place but second and third mechanisms does; in the internal vortex, the
fraction of solids found in the main stream Φv,m is separated, while the separation of
the suspension present in the secondary flow Φv,s is carried out in the vortex tube.
50 3 Design of the circulating fluidized bed gasifier
• Separation in the internal vortex
The particles are separated mainly by centrifugal action inside the internal vortex.
In this way, it is assumed that the solids are separated in a radius ri with velocity
vi where the area for collection corresponds to the cylinder that forms the inner
vortex. The gas stream that passes through the vortex is the main flow 0,9Φv.
The diameter of separation d∗, given by the balance of the centrifugal force and




(ρp − ρg)u2i 2π (H − F )
(Eq. 3.13)
The particle size distribution can be presented in the form of a retained fraction
R (d) in a residue curve which is usually approximated by the RRSB (Rosin,
Rammler, Sperling and Benett) distribution (Eq. 3.14 and Eq. 3.15) as is shown
in Fig. 3-17.







for dmin < d < d
′
(Eq. 3.14)

















is the particle size corresponding to R = 1/e = 0,36, dmin is the minimum
particle size, and dmax is the maximum particle size of the stream flowing into
the cyclone. The exponent n determines the slope of the distribution curve at d
′
[?]. According to Trefz [?] the residue curve of the inner feed can be very well
approximated by a single curve, given by:







d50,A for µe < µlim
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Figure 3-17: Size distribution curves plotted in RRSB net for two different materials. Taken
from [?].
Where ηF is the grade efficiency, m is the number of classes in the particle size
distribution and dj is the mean particle size in the class m. An alternative relation
to calculate the separation efficiency that gives a rougher approximation is:
ηin = RAi (1,05d
∗
in) (Eq. 3.19)
• Separation in the vortex finder
A fraction of the total flow enters the cyclone and deviates upwards until reaching
the cyclone roof. This stream, known as secondary flow, generally approaches 10 %
of the total incoming flow. Without a vortex tube, the suspension in the secondary
flow exits directly through the gas outlet carrying a considerable mass of dust, thus
lowering the separation efficiency. In order to improve the separation efficiency, a
vortex finder is included to direct the secondary flow around the finder where the
separation is achieved by the action of centrifugal forces acting on the particles
(Fig. 3-18). Increasing the length of the vortex tube (F ) improves the efficiency
of separation ηTs because the path travelled by the particles in the secondary flow
becomes longer. The opposite happens with the separation in the internal vortex
ηin, since by increasing the length of the vortex tube, the separation volume of
the internal vortex (2πri (H − F )) is reduced, therefore the separation efficiency
ηi of the main flow decreases. Thus, there is a optimum length of the vortex finder
where the total efficiency (ηt = ηni + ηTs) is maximum. For small solids loads the
removal of solids from the secondary flow contributes with around 15 % of the
total separation efficiency [?].
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(a) With vortex tube (b) Without vortex tube
Figure 3-18: Influence of the vortex tube on the secondary flow.
In the Fig. 3-19 the dust emission in the gas leaving the cyclone is shown as
function of the length of the vortex tube. Without vortex tube the dust emission
is maximal; increasing the vortex tube length decreases the load of solids in the
gas owing to the effect of the secondary separation mechanism thus the particles
separation improves. At certain vortex tube length, the dust emission increases
again because the separation efficiency of the main flow decreases due to a lower
separation area of the inner vortex. According to this, there is an optimal vortex
tube length where the emissions are the lowest and therefore the total efficiency
is maximum.
Figure 3-19: Total emission as function of the vortex tube length. Taken from [?].
Analogous to the main flow. An expression is obtained for the secondary separa-












The tangential velocity in the secondary flow can be approximated to two thirds of





the vortex finder diameter E should be E = 0, 2H [?, ?].
The separation efficiency ηTs for the vortex finder as a function of the length is
given in Eq. 3.21:












• Total separation efficiency
The total separation efficiency for low dust loading is defined as:
ηt = ηi + ηT (Eq. 3.22)













High load ratio (µe > µlim)
A cyclone with a high dust loading, µe, separates particles through three mechanisms.
The first is related to the separation capacity of the inner vortex. The main flow
Φv,m associated with this mechanism is able to separate a certain fraction of solids
(µe < µlim). If the amount of solids exceeds the internal vortex capacity (µe > µlim), a
strand of solids is formed as soon as the suspension enters the cyclone, dragging the
particles at the wall. It is estimated than around 95 % of the particles are separated
by exceeding the limit load ratio [?]. When the load of solids is high, both mechanisms
are effective [?, ?, ?]. Usually in the literature, only the first two mechanisms are taken
into account, but the secondary flow can also separate a small fraction of solids due to
the contact of the suspension with the vortex finder.
• Separation wall
When the load of solids in the cyclone is higher than the limit solids ratio, µlim
the mechanism is known as separation wall mechanism. The process begins when
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the suspension enters the cyclone; most of the solids are dragged to the wall due
to centrifugal force on the particles, while a small fraction remains in the main
flow. This fraction is composed by the finest particles which are separated through
the internal vortex. The cut size diameter of this mechanism (d∗e) classifies the
solids into two sizes, the particles smaller than d∗e correspond to the finest fraction,
while the particles larger than d∗e are the coarsest fraction. The coarser particles
are separated by the strand of solids dragged to the wall. The separation diameter










Where z̄e is the average centrifugal acceleration [?].









According to Muschelknautz [?], µlim depends on the average centrifugal accele-
ration for the separation and the mean particle diameter of the suspension that
enters the cyclone d50,A. The constant Klim is a function of the particle properties,
while k depends on the dust loading.
Klim =
{
0,02 for fine particles
0,03 for coarser particles
(Eq. 3.26)
For a large number of powders, Klim = 0, 025 [?] .
k =








if 2, 2x10−5 ≤ µe ≤ 0,1
0,15 if µe > 0,1
(Eq. 3.27)
A typical value for µlim is therefore 0,025 [?].
The efficiency depends on the separation mechanisms that are carried out in the
cyclone, where the most effective mechanism is due to the solids load [?]. This
behavior is observed in Fig. 3-20.
For µe < µlim, the separation mechanisms are due to the internal vortex and vortex
finder. The vortex does not have the capacity to separate the finest particles, so
the efficiency tends to zero for these particles. Increasing the solids load over the
limit (µe > µlim), involves the formation of strands in which the finer particles are
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Figure 3-20: Influence of the solids load on the separation efficiency. Taken from [?].
dragged by the larger ones. This implies that the probability of separating finer
particles is higher when the solids load is increased as is shown in Fig. 3-20. The





Therefore, in general the higher the solids load the higher the efficiency of sepa-
ration.
The separation efficiency due to the solids load can be divided in two according























• Separation in the internal vortex
For µe > µlim, the three mechanisms occur simultaneously so it is necessary to
take into account some additional factors. The separation mechanism due to the
load of solids becomes more important and separates most of the solids, the rest
remains in the main and secondary flows, so these particles are separated in the
internal vortex and the vortex tube.
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Where ηin is the inner vortex efficiency for low dust loading, using:








• Separation in the vortex finder
The secondary stream moves around the vortex tube at a velocity lower than
that of the main stream. Muschelknautz [?] in his separation model stated that
the limit solids load in the secondary stream , µD, depends on the turbulence;
lower entrance velocities reduce the turbulence, thus increasing the capacity of
the gas stream to drag solids. Trefz and collaborators [?], found a relation of this
parameter as a function of the limit solids load, µlim and the solids ratio, µe:
µD =
{
6µlim if µe ≥ 6µlim
µe if µe < 6µlim
(Eq. 3.33)
The secondary flow has been estimated to be approximately 10 % of the total
flow entering the cyclone, but this can vary depending on the dust loading in a
















For circulating fluidized beds where high dust loading is high, the separation
through this mechanism is above 5 %. Even such a small fraction is important in
these systems because of the high load [?]. Muschelknautz suggests using vortex
finder with decentered axis, which improve separation efficiency when the load of
solids is very high. The vortex finder separation efficiency for high dust loading
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(Eq. 3.36)
The separation mechanisms for low and high dust loading are shown in Fig. 3-21.
(a) Low load of solids (µe < µlim) (b) High load of solids (µe > µlim)
Figure 3-21: Separation mechanisms for different solids load in the cyclone
Pressure drop through a cyclone
The total pressure drop through the cyclone is the sum of pressure drops due to friction on
the cyclone wall ∆Pf and the hydrodynamic loss in the inner vortex ∆Pe [?, ?, ?] :
∆Pc = ∆Pf + ∆Pe (Eq. 3.37)































Following the methodology outlined in Fig. 3-13 different cyclone designs were considered.
The geometrical ratios proposed by Stairmand, Swift and Lapple under the following duties:
High Throughput (HT), High Efficiency (HE) and General Purpose (GP) were obtained from
Table 3-5. With a cyclone diameter of 152,4mm, the design parameters: separation diameter,
separation efficiency and pressure drop were calculated in order to select the proper design.
The results for the design parameters are presented in Fig. 3-22.
(a) Separation diameter (b) Separation efficiency
(c) Pressure drop (d) Saltation velocity
Figure 3-22: Parameters for the selection of the cyclone design
Swift’s high-efficiency (HE) design presents the smallest diameter of separation, meaning
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it is able to separate fine particles in a good extent, besides the highest total efficiency,
however, it has a higher pressure drop in comparison to other designs, which requires a fan
with greater power. The geometries proposed by Swift (GP) and Lapple (GP) present the
best relationship between separation efficiency and pressure drop. Taking into account than
a compromise between pressure drop and efficiency must be achieved for an optimal cyclone
design, these design are considered the most suitable. The design of Lapple requires a very
small exit of solids and therefore a valve with a small diameter, for this reason this design
is discarded, therefore the geometrical relationships of Swift’s general purpose (GP) cyclone
were used. Some modifications were included in the present design in order to improve the
separation efficiency. According to Qian [?], increasing the angle of the inlet section, the
total separation efficiencies increase, and the pressure drops reduce greatly, thus an inlet
section angle of 13◦ was used (Fig. 3-23). The vortex tube was eliminated with the aim of
evaluating its influence in future research.
(a) Without (b) With
Figure 3-23: Influence of inclined entrance duct in the solids flow
3.4. Solids recirculation system
The circulating systems are characterized by the high entrainment of solids, therefore the
solid recirculation system must be able to return them into the reactor. To achieve this, the
system transports solids from a lower pressure zone (the cyclone) to a higher pressure zone
(body of the reactor) through mechanical or non-mechanical valves. The use of mechanical
devices is limited because they are expensive, present sealing problems owing to the high
temperature and pressure conditions, the high flow of solids prevents an easy circulation
[?] and cause erosion of the components, and requires constant maintenance. On the other
hand, the non-mechanical valves are inexpensive, robust and simple in construction [?], but
they require an adequate designed according to the application [?].
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Commonly, siphon or “loop seal”, L-valve, V-valve, J-valve and N-valve are used as non-
mechanical devices [?, ?, ?] (Fig. 3-24). They operate under similar principles: the valve is
connected to the cyclone (or solid separation system) by means of a “standpipe”, in which the
solids accumulate and can be fluidized. The accumulation generates an additional pressure
drop below the cyclone in order to counteract the difference in pressure with the reactor.
This is, the pressure generated in the standpipe must be sufficient to overcome the higher
pressure in the reactor and force the particles to flow.
(a) L valve (b) J valve (c) V valve (d) N valve (e) U-type loop seal
Figure 3-24: Some examples of non-mechanical valves. Adapted from [?].
In the N valve the aeration required to onset of solids flow is much less than in other types
of valve [?]. This reduces the friction in the bed and produces a higher pressure drop in the
standpipe, improving the solid recirculation and preventing the gas from bypassing into the
cyclone. A lower aeration also decreases the fan power required, therefore the performance
of the complete loop increases [?]. Because of these reasons, a N valve was selected as solid
recirculation system. In the present work the general methodology for the solids recirculation
system design is presented in Fig. 3-25:
The calculation methodology for a loop seal presented by Cheng [?] was followed and the
calculations were adapted for the N valve. An initial dimension for the N valve must be
proposed according to the dimensional restrictions given by the reactor and the cyclone, in
such a way that the valve is coupled to the exit of the cyclone and to the entrance of the
reactor. The theoretical analysis consists on determining the pressure drop required in the
standpipe to counteract the resistance offered in the reactor. Thus, using a pressure balance
of the system the following relationship must be fulfilled:
∆Psp > ∆Pf + ∆Pcyc + ∆Pv (Eq. 3.1)
Where ∆Pf is the pressure drop in the reactor, ∆Pcyc in the cyclone, ∆Pv in the N-valve
and ∆Psp in the standpipe, as it is shown in Fig. 3-26. The system dimensions and the
bed material properties are used to calculate the pressures in the solids circuit, then, from
the pressure drop in the standpipe the required length of the standpipe is calculated. This
pressure drop must met the requirement and the length of the standpipe must be adequate
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Figure 3-25: Methodology for the solid recirculation system design
for the size of the reactor and the cyclone, if the conditions are not met, the geometry of the
unit must be resize. The process is repeated until the conditions of geometry and pressure
drop are satisfied.
3.4.1. Pressure balance of the loop
Pressure drops for the reactor ∆Pf , and the cyclone ∆Pcyc, have been calculated previously.
In this section, the calculation methodology adopted by Cheng for the pressure drop in the
valve ∆Pv and the standpipe ∆Psp is presented.
Pressure drop in the N valve (∆Pv) and standpipe (∆Psp)
The N valve can be divided into 2 sections whose pressure drops contribute to the total
pressure drop in the solids recirculation system. The resistance offered by the two sections is
determined by 1) the pressure drop in the recirculation chamber (∆Prc) and 2) the pressure
drop in the recycle pipe (∆Prp), as shown in Fig. 3-27:
The pressure drop in the valve is given by:
∆Pv = ∆Prc + ∆Prp (Eq. 3.2)
The total flow of gas entering the valve through the distributor (Qa) is divided into two
flows: The main flow (Qa,rc) moves through the recirculation chamber and the secondary
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Figure 3-26: Pressure balance around the loop
flow (Qa,sp) moves towards the standpipe, so that:
Qa,rc = (1− δa)Qa and Qa,sp = δaQa (Eq. 3.3)
Where δa is the fraction of the total flow that moves towards the standpipe. Cheng used for
δa a value of 0,095 (9,5 %) , meaning most of the air is directed towards the recirculation
chamber. The remaining fraction help the solids flow down from the standpipe [?].
Pressure drop in the recirculation chamber (∆Prc)
The valve starts working when the solids flow rate to the reactor is positive. In order to
convey the solids to the reactor, the air passing through the valve must exceed a value
known as critical aeration velocity (Uv,threshold), below this value there is no solids flow
(Fig. 3-28). According to Peining [?], the N valve has a threshold of aeration velocity
close to Umf , therefore the pressure drop in the recirculation chamber is approximated
by the Eq. 3.4:
∆Prc = (1− εrc) ρsLrcg (Eq. 3.4)
Where Lrc is the length of the recirculation chamber.
The void fraction in the recirculation chamber εrc is obtained by the expression sug-
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(a) Geometry (b) Pressure drop
Figure 3-27: N valve description
Figure 3-28: Critical aeration velocity in the N valve
Where Arc is the area of the recirculation chamber. The value of εrc can be conserva-
tively taken as 0.5 [?].
Pressure drop in the recycle pipe (∆Prp)
The total pressure drop in the incline duct ∆Prp is calculated from Bernoulli equation,
which has been modified to account for the gas-solid mixture [?] (Fig. 3-29).
The terms in the Bernoulli equation are the static head ∆Prp,sh, the dynamic head
∆Prp,dh and the friction resistance ∆Prp,f [?].
∆Prp = ∆Prp,sh + ∆Prp,dh + ∆Prp,f (Eq. 3.7)
The solids move at very low speeds, thus the dynamic term can be neglected [?]:
∆Prp = ∆Prp,sh + ∆Prp,f (Eq. 3.8)
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Figure 3-29: Pressure drop in an inclined duct
The static head represents the effect of the gravity, while the pressure drop due to the
friction is split on friction of the gas and friction between the solids, thus:











Due to solid friction
(Eq. 3.9)
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with Ug,rp = Ug,rc (Eq. 3.11)












Where Asp is the cross area of the standpipe. The value of the flux of solids Gs must
be estimated, therefore here, some of the methodologies used are presented.
• Gs estimation
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The entrainment can be estimated from several methods depending on the tres-
hold disengaging height (TDH). When the freeboard height Hf is higher than
TDH, the procedure of Zenz and the elutriation constant can be applied [?], and
for any Hf the freeboard-entrainment model develop by Kunii and Levenspiel [?].
The latter method is valid for any Hf , therefore is briefly explained below and
used in the present work.
Freeboard entrainment model
◦ Bubbling or turbulent fluidized bed
This model consider the freeboard above the dense bed; three phases can
exist in this zone: a gas stream with dispersed fine solids, moving upward at
velocity u1; agglomerates, moving upward at velocity u2; and agglomerates,
moving downward at velocity u3. The 3 phases are shown in the Fig. 3-30:
Figure 3-30: Freeboard entrainment model representation. Taken from [?]
The net upward flow of solids is divided depending on the phase considered
as is presented in Eq. 3.14:
Gs = Gs1 +Gs2 −Gs3 = ρ1u1 + ρ2u2 − ρ3u3 (Eq. 3.14)
Dividing the entrainment also in upward and downward streams:
Gsu = Gs1 +Gs2 , Gsd = Gs3 (Eq. 3.15)
From mass balance, an expression for the net upflow and carryover of solids
is given by Eq. 3.16:
Gs − xG∗s
Gsu0 − xG∗s
= e−aHf (Eq. 3.16)
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Where G∗s is the saturation carrying capacity of the gas for a particular size
of solids, x the fraction of bed solids for which the particle velocity ut is lower
than the gas velocity uo, Gsu0 is the upward flux of solids at the bed surface
and a is a decay constant for the freeboard. G∗s obtained from Fig. 3-31 and,
Gsu0 and a, from Fig. 3-32:
Figure 3-31: Dimensionless plot for estimating the saturation carrying capacity (G∗s)
Figure 3-32: Graphic correlations for the freeboard-entrainment model. (a) Mass flux of
particles above the bed surface Gsu0, (b) Decay constant for the freeboard a.
Taken from [?].
• Fast fluidization
By increasing the velocity of the gas, the entrainment is modified. The density of
the suspension varies due to the distribution of solids in the reactor as shown in
Fig 3-33. The dense phase has a fraction of solids (εsd) and the dispersed phase
tends to the fraction of solids at the outlet (εse). ε
∗
s is the limit value that can be
reached in this regime.
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(a) Fast fluidized bed (b) Solids distribution in the model
Figure 3-33: Freeboard-entrainment model for fast fluidization. Taken from [?].
Considering the solids distribution equation in the freeboard, Eq. (Eq. 3.17):
εse − ε∗s
εsd − ε∗s
= e−aHf (Eq. 3.17)
The fraction of solids at the exit is:
εse = ε
∗
s + (εsd − ε∗s) e−aHf (Eq. 3.18)
The saturation fraction of solids can be approximated as ε∗s = 0, 01 or calculated





The value of G∗s is obtained from the Fig. 3-31. The fraction of solids in the dense
phase εsd is determined using the Fig. 3-34. The value of εse and a can be also
estimated graphically (Fig. 3-35).
The total inventory of solids in the column of height Htot = Hf +Hd is:
W
Atρs
= Lm (1− εm) = Lmf (1− εmf ) =
εsd − εse
a
+Htεsd −Hf (εsd − ε∗s)
(Eq. 3.20)
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Figure 3-34: Fraction of solids in the dense phase (εsd)
From Eq. 3.18 and Eq. 3.20, Hf and εse are obtained. The solids entrainment is
given by Eq. 3.21
Gs = Gse = ρsεse∆u (Eq. 3.21)
Where ∆u is the slip velocity
∆u = ug − us =
u0
1− εse
− us (Eq. 3.22)
With us ≈ ut, the terminal velocity.
Pressure drop in the standpipe (∆Psp)
In the standpipe the solids are in a moving bed regime, here, the loss of energy is
treated as the sum of the loss of viscous and kinetic energy. The pressure drop per unit
















Once the pressure drops in the unit have been determined, the length of the standpipe
necessary to satisfy the pressure balance condition (Eq. 3.1) is calculated, as follows:
Lsp =
∆Pr + ∆Pv + ∆Pf + ∆Pcyc
∆Psp
(Eq. 3.24)
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(a) Fraction of solids at the outlet (εse)
(b) Decay constant for the freeboard (a)
Figure 3-35: Graphic correlations for fast fluidization. Taken from [?].
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The standpipe length must be adequate for dimensions of the whole unit, previously
calculated. If the condition is not met, the valve must be resized and the procedure
must be repeated.
3.5. Feeding systems
The operation of the fluidized bed gasification equipment is mainly limited by the feeding
systems because the most common interruptions in the operation are due to problems in
these systems, thus proper design is required [?]. The hopper-screw systems are widely used
in the transport of biomass therefore it was selected as the feeding system in this work.
The hopper must be designed together with the screw since the solids flow rate through
each component depends on the behavior of the other. The sizing of the hopper follows a
standard methodology based on the calculation method of Jenike [?], while the screw is
dimensioned based on design recommendations of different authors [?], [?], [?]. This section
presents a general methodology to size the hopper-screw system suitable for biomass feeding
(Fig. 3-36).
Figure 3-36: Methodology for the feeding system design
The hopper type must be defined according to the desired solids flow (described in the section
3.5.1), being mass flow the most common for biomass feeding. The shape of the hopper is
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selected based on fabrication and installation issues, since the wedge shaped hopper allows
higher discharge area and is easier to couple with the screw. The Jenike method is the most
common methodology to size the hopper, herein the minimum output size of the hopper B
is determined so that the blocking by arching is avoid. The procedure uses the radial stress
theory [?] and in addition to dimensioning the output allows to establish of the hopper wall
angle θp to obtain a mass flow. The hopper can present blockage by arching when the solids
agglomerate at the output owing to the state of stress in the particles; the angle of the
hopper wall establishes if mass flow can be carried out. The screw must be sized according
to the hopper dimensions to avoid stagnation areas at the entrance. An initial dimension is
obtained from the design recommendations, then the Dai-Grace model is used to calculate
the mass flow rate and the power required to feed the biomass. The mass flow rate defines
the discharge rate and is therefore the condition to met.
3.5.1. Hopper
The size of the hopper depends on the material properties, the expected storage capacity and
discharge rate, the temperature and pressure, the manufacturing materials and the safety
considerations [?]. Material properties as the flowability and the bulk density are of great
importance, the former gives a measure of the ease of a bulk of solids to flow, while the
bulk density and the desired time of continuous operation define the storage capacity. The
discharge rate is evaluated at the end of the sizing, verifying if the discharge meets the
desired biomass feeding rate to the reactor.
There are different types of hopper: conical, wedge shaped, and asymmetric conical and
wedge shaped, as is shown in Fig. 3-37. The asymmetric hoppers tends to form stagnation
zones, therefore they are not used for biomass storage; the conical shape requires a larger
output size and is difficult to couple with the screw; the wedge shaped hopper is the most
used for biomass feeding because the slotted outlet allows to have a larger exit area and it
is easier to use with screw design.
Figure 3-37: Types of hopper, a. Conical ,b. Wedge shaped, c. Asymmetric wedge shaped
and d. Asymmetric conical. Taken from [?]
A hopper presents different flow patterns which can be classified as: mass flow, funnel flow
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and expanded flow, as it is shown in Fig. 3-38. In mass flow, all the constantly flow during
discharge due to the slippage on all the contact surfaces, between the raw material, the walls
of the hopper and the particles [?]. In funnel flow, stagnation zones are formed by particles
that segregate in the walls, therefore the solids flow only through the channel formed between
the dead zones. The expanded flow is a combination of the mass and funnel flow. Depending
on the requirements the flow is selected, the mass flow can present erosion of the hopper walls
at high discharge rates, it is therefore not appropriate for processes in which the composition
is critical; the funnel flow is selected because there is no erosion owing to the stagnant zones
in the walls. For biomass feeding the design is usually carried out based on mass flow because
there is a constant flow of material which prevents caking and degradation inside the hopper
[?, ?].
Figure 3-38: Flow patterns in the hopper. Taken from [?].
The solids flow in the hopper can present different problems: arching, ratholing, flooding,
limitation of the flow rate and particles segregation [?]. Arching occurs when the particles
agglomerate at the exit of the hopper and prevent the material passing to the screw; ratholing
is presented mainly when the material stagnates either because the hopper walls do not have
enough inclination or because of their roughness [?]; flooding refers to a condition in which
the solids behave as a fluid and flows uncontrolled through the output [?]; limited flow rate is
a condition in which the design feeding rate is not achieved; in segregation the particles tend
to separate depending on their size, shape and density. Arching and ratholing are presented
in Fig. 3-39.
The design methodology used by Jenike [?] seeks to obtain a homogeneous flow control and
with no obstruction of solids through the exit of the hopper. The blockages are generally
due to an arch which can be presented in two different ways according to the particle size:
interlocking or cohesion. Interlocking occurs when the particle size is too large and the solids
compete to pass through the same hole, therefore they obstruct the output. When cohesion
occurs, the particles tend to agglomerate in the exit preventing the normal flow of solids. In
Fig. 3-40 the interlocking and cohesive arc are presented:
The minimum exit size of the hopper required to prevent blockages by arching is related to
the particle size. According to Marinelli [?], for large particles the exit width in a slot type
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(a) Arching (b) Ratholing
Figure 3-39: Some problems presented in the flow of solids. Taken from [?].
Figure 3-40: Types of arching according to the particle size. Taken from [?].
hopper (wedge hopper) must be at least three times larger than the largest particle to avoid
the formation of the arc. For cohesive particles further considerations should be taken into
account because it is necessary to characterize the cohesiveness of the particles and their
interaction with the hopper. To define these properties, it is necessary to perform shear tests
[?]. The Jenike method analyses a cohesive arc to determine the flow condition in the hopper
according to the flow-no flow criterion.
Jenike method: Flow-no flow condition
In this model it is assumed that blockage of the exit occurs by arching when the solids are
agglomerated and the arc of particles have sufficient resistance to prevent the flow of solids.
Accordingly, it is stated that the flow occurs when the forces developed on the particle σD,
are greater than the yield stress of the material σy [?], meaning the resistance offered by
the cohesion forces is overcome by the stress developed in the particle. Then the flow occurs
when:
σD > σy (Eq. 3.1)
The stress in the powder σD depends on the compacting stress σc inside the hopper. The
higher consolidation the higher the stress developed on the particles. The ratio of the com-
pacting stress and the stress developed in the powder is given by the hopper flow factor
ff which relates the nature of the solid, the wall material and the inclination angle of the






Compacting stress in the hopper
Stress developed in the particles
(Eq. 3.2)
The consolidation stress σc in the upper zone of the hopper is in the vertical direction because
of the weight of solids, and horizontal in the change of section due to the flow contraction
as it is shown in Fig. 3-41. The flow factor ff at the arc relates the stress with the flow
behavior of the solid, since lower values represent not flowing and higher values free flowing.
Figure 3-41: Stress in the particles as a function of the compacting stress and flow factor
The value of ff can be obtained using the charts given by Jenike as it is shown in Fig. 3-42.
The general expression to obtain ff is a theoretical relation which represents the family of
curves obtained by Jenike and is presented in Eq. Eq. 3.3 [?]. The expression, although it is
general, only has an analytical solution for certain values of the constants that represent the
flowability of the material.
Figure 3-42: Flow factor chart for wedge-shaped hoppers. Taken from [?]
ff =
Y (1 + sin (δ))H (θp)
2 (X − 1) sin (θp)
(Eq. 3.3)
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with θp in degrees (Eq. 3.7)
The internal friction angle δ is related to the friction between the biomass particles inside
the hopper, the wall friction angle φw depends on the friction between the biomass and the
hopper wall, and the arch thickness parameter H (θp) depends on the hopper angle θp. With
the symmetry factor m equal to 0 for wedge shaped hoppers. The values of δ, φw are obtained
from the shear test developed by Jenike, and the value of θp and ff are obtained from Fig.
3-42, which is the graphic solution of Eq. 3.3 for an specific hopper shape (wedge shaped in
the Figure).
The stress in the particles depends on the state of compaction, therefore the flow will change
depending on the compaction grade. The powder flow function describes the yield strength
σy of a bulk of solids under a compacting stress σc, thus it is used to define the flow condition.
According to Eq. 3.1, the critical point where the arch is formed corresponds to:




= σy (Eq. 3.9)
The critical stress σcrit defines the transition from the flow zone to the no flow zone, meaning
the region where the arch is formed (Fig. 3-43). The minimum output size of the hopper for





The state of stress varies according to the material and operation conditions such as tem-
perature, humidity and storage time at rest, therefore in order to characterize the material,
measurements must be performed under the process conditions. The shear test [?] is used to
define flowability at these conditions as described following.
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Figure 3-43: Minimum output size for an specific powder flow function and flow factor
Jenike shear test
The Jenike shear test is used to determine the flowability of a material in terms of the internal
friction angle δ, wall friction angle φw, and powder flow function. The test methodology is
described in the standard ASTM D6128 [?], the shear tester scheme is shown in Fig. 3-44.
The tester consists of two plates where the material is deposited, the lower plate is fixed and
the upper moves horizontally. A normal force Fz is applied on the top of the tester and a
tangential force Fx on the moving plate. The normal force compacts the material producing
a displacement δz while the tangential force produces a slippage of the material δx. The
plot of the tangential stress τ with the horizontal displacement δx varies according to its
density (Fig. 3-44). Both dense and loose materials tend to a constant value corresponding
to the critical or equilibrium condition, where the volume of the sample does not further
change. This condition occurs in the hopper, it is therefore important for the design. A brief
description of the test is done as follows.
The Mohr circle is used to analyse the state of stress in the shear test. The contour of the
circle is the limit of failure and represents a stress condition seen in different directions as is
shown in Fig. 3-45. In the hopper design, slippage is seen as failure, thus the stress analysis
is required.
Five or six samples of particles of the same bulk density are loaded under different normal
forces and the horizontal force at which the displacement initiate is recorded, thus a set of five
or six pairs of normal and shear stress is obtained, giving the yield locus curve as it is shown
in Fig. 3-46,a. The critical condition defines the end of the essay. The compaction grade
of the material depends on the time of consolidation, therefore the storage time must be
tested. A family of yield locus is obtained under different times of consolidation as is shown
in Fig. 3-46,b , and the time selection is based on the expected storage time in operation
conditions. Moisture and temperature also influence the compacting stress so additional tests
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Figure 3-44: Scheme of the Jenike shear tester. The critical condition is shown for dense
and loose material.
Figure 3-45: Representation of the state of stress in the Mohr circle. Taken from [?]
are required to take into account these variables.
For each yield locus curve a pair of unconfined yield, σy, and compacting stress, σc, is
obtained (Fig. 3-46,c). The unconfined yield is the yield stress of the powder, corresponding
to the condition where the principal stresses are σ1 = σy and σ2 = 0; the compacting stress
is determined at the critical condition. The powder flow function of the material is obtained
from the values of σc, σy for each consolidation time (Fig. 3-46,d).
The internal friction angle δ is determined drawing a straight line from the origin that
intersects the Mohr circles in the compacting stress of all the families, as is shown in Fig.
3-47,a. A similar procedure is carried out to define the interaction between the solid and
the wall of the hopper, defining the effective angle of friction of the wall Φw (Fig. 3-47,b).
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(a) Yield locus (b) Family of yield locus
(c) Unconfined yield and compacting stress (d) Powder flow function
Figure 3-46: Construction of the powder flow function from the shear test
(a) Effective internal friction angle δ (b) Effective wall friction angle φw
Figure 3-47: Determination of the effective friction angles. Taken from [?]
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3.5.2. Screw
The feeder is important in the feeding system because it controls the flow rate of solids from
the hopper to the reactor. In this work, a screw design was selected because it allows easy
variation of the feeding rate by controlling its rotational speed, and it is of easy maintenance
due to the few moving parts [?], [?]. The screw is generally used together with hoppers
that have elongated outlets just as wedge hoppers [?], the shape of the outlet is determined
mainly by the connection to the feeder, being usually in the form of a groove with a length
exceeding three times the width (Lf > 3B)[?], as shown in Fig. 3-48. The screw diameter
(D) must be approximately the hopper outlet size (B) with the aim of easily coupling the
two components [?].
Figure 3-48: Hopper-screw feeding system
The interface between the outlet of the hopper and the entrance of the screw known as
feeding section is important because the uniformity of the solids flow depends on it. Generally,
standard screw designs with helical flight, constant pitch and shaft are used due to the easy
manufacture [?], but they might present problems in the solids discharge because stagnant
zones appears along the axis of the screw. The transport occurs only in the lower zone of the
screw, meanwhile the stationary solids are compacted creating large normal and frictional
forces that contribute greatly to energy consumption and wear of the parts [?]. Even if the
hopper is designed for mass flow, the discharge is affected due to the poor design of the screw
showing a funnel flow behavior, as seen in Fig. 3-49.
The capacity of the screw must increase in the flow direction in order to avoid the stagna-
tion [?], [?], the increasing can be achieved by several methods but the most common are
increasing the pitch and reducing the diameter of the shaft [?]. In Fig. 3-50 some of these
methods are shown.
Increase of the pitch: It is a common and economic technique of manufacturing.
The pitch selection depends on two conditions: if the pitch is too short, clogging might
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Figure 3-49: Solids flow in a standard screw design
occur owing to the small space available between the flights, on the other hand, if the
pitch is too long, the transfer efficiency drops and the pressures on the flights can be
excessive because the increased amount of material being transported [?]. According
to Carson [?], in order to achieve mass flow operation, the ratio between the pitch and
the screw diameter must be between 0,5-3 and the feeding length of the screw up to
five or six times the diameter of the screw (Lf < 6B)[?].
Reduction of the shaft diameter: Reducing the diameter of the shaft increases the
effective area of discharge but represents more difficulty in manufacturing compared
to the previous method. It is a good practice to use a small pitch when the diameter
of the shaft is almost the screw diameter [?], Arnold [?] suggests a ratio between the
shaft diameter at the entrance (di) and the screw diameter (D) of di/D > 0, 8.
The solids flow in a mass flow screw design is shown in Fig. 3-51. The feeder has a tapered
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Figure 3-50: Screw design to increase the capacity in the flow direction. Taken from [?]
shaft and a constant pitch at the entrance (in the feeding section), followed by a zone with
variable pitch. In the choke and conveying section a constant pitch is used. The discharge
from the hopper follows a mass flow because transportation is done throughout the entire
length of the screw.
It is recommended not to use bearings inside the screw because flow problems may occur, the
use of cantilever-mounted screws prevents from these problems. This assembly is normally
acceptable in the range between 500 and 2000 mm long for screws with shaft [?].
3.5.3. Selection of the screw
Taking into account the previously presented biomass screw design, a mass flow hopper was
selected using an angle of 70◦ to guarantee the flow. The screw diameter (D) was selected
smaller than the reactor diameter in order to easy facilitate the assembly, therefore an screw
diameter of 1.5 in was used. The hopper exit (B) was defined equal to the screw diameter and
a output length of six times the width. The screw was sized according to the recommendations
to avoid stagnation, therefore variable pitch and axis were selected. The design was divided
into three zones: 1) at the entrance, a variable axis diameter and constant pitch of 0, 5D, 2)
next, a constant axis diameter and variable pitch from 0, 5 to 1D, and 3) in the transport
zone, constant diameter axis and pitch equal to D.
3.5.4. Torque requirements
Dai and Grace [?] proposed an extended model to the theoretical model of Yu and Arnold
[?], considering both the initial filling and flow conditions from the hopper. The procedure
relates the consolidation stress (σv) developed in the hopper output with the load on the
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Figure 3-51: Solids flow in a modified screw design
screw (Fig. 3-52). The model assumes that the load is distributed uniformly along the whole
screw length [?].
Feeder load
The load on the screw depends on the operation conditions. In the initial filling condition, the
stress field is called active while the flow condition is considered passive. A general expression












Where q is the surcharge factor.
Initial filling
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(a) Schematic of the hopper (b) Compacting stress in the screw
Figure 3-52: Stress around the screw on the hopper section. Taken from [?]
According to Dai [?], at the initial filling condition the feeder load is calculated from
















For wedge hoppers (m = 0) at the initial condition:
σvi = qiρbgB (Eq. 3.14)
Flow condition




)m Y (1 + sin (δ))
2 (X − 1) sin (α)
(Eq. 3.15)
σv = qfρbgB (Eq. 3.16)
Fv = qfρbgLhB
2 (Eq. 3.17)
Forces and torque calculation
The forces generated in the screw due to the movement of the biomass can be described by
means of five contact surfaces, as shown in Fig. 3-53. The shear surface, core shaft, trough
surface and trailing side of flight oppose to the movement of the biomass, while the force on
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the driving side of flight defines the force requirement to convey the material. It is assumed
that only the axial component contributes to the torque, therefore the tangential component
is omitted.
Figure 3-53: Contact surfaces on the screw: shear surface, core shaft, trough surface, driving
side of flight and trailing side of flight.
Shear surface
The shear surface occurs at the interface between the hopper and the screw due to the
contact between the biomass flowing through the screw and the one that is discharged
from the hopper. This type of contact occurs in the feeding section but not in the choke
section.
Fs,a = −ks,aσvD2o with ks,a =
π
2
µecpcos (αo + φw) (Eq. 3.18)
Where µe = 0, 9sin (δ) is the effective friction coefficient of bulk solids, cp = Dc/Do is
the ratio of the pitch to screw flight diameter, tan (αo) = P/2πRo is the angle of the
flight at Ro.
Core surface
The force in the core surface is due to the friction between the screw shaft and the
biomass. The friction angle of the wall (φw) is used to calculate the coefficient of friction
(µwc = tan (φw)).
Fc,a = −kc,aσvD2o with kc,a =
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(Eq. 3.19)
Where ct = Dt/Do is the ratio of the trough to screw flight diameter, cd = Dc/Do is
the ratio of the core shaft diameter to screw flight diameter, λs is the ratio of normal






sinφwcos2α + sin (φw + 2α)
(Eq. 3.20)
Figure 3-54: Mohr circle representation for the material inside the pocket (EYL-effective
ield locus, WYL-wall yield locus). Taken from [?]
Trough surface
Due to the friction of the biomass with the screw casing, a force that opposes movement
is produced:
Ft,a = −kt,aσvD2o with kt,a =
t (ct − cd)
8
cos (αo + φf ) exp
[(
4µwtλscp
(ct − cd)− 1
)]
(Eq. 3.21)
The friction coefficient µwt defines whether sliding occurs in the wall or a layer is









, Biomass layer (Eq. 3.23)
Where c is the clearance.
86 3 Design of the circulating fluidized bed gasifier
Trailing side of flight
The axial force in the trailing side of flight is given by Eq. 3.24:
Ff,a = kf,aσvD
2












Driving side of flight
The force in the driving side must be able to overcome the forces that oppose the
movement of biomass, it is thus obtained, as follows:
Fs,a + Fc,a + Ft,a + Ff,a + Fd,a = 0 (Eq. 3.25)
The forces analysis for the five contact surfaces is shown in Fig. 3-55.
The torque required in each pocket to transport the biomass in the feeding section is obtained







































+ ktip (Eq. 3.27)
ktip =




































































+ ktip (Eq. 3.31)
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(a) Shear surface (b) Core shaft surface (c) trough surface
(d) trailing side of flight (e) driving side of flight
Figure 3-55: Free body diagram for the contact surfaces on the screw. Taken from [?]
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The total torque (Ttot) is calculated by adding the total contribution of the pocket in the








Where i, F is the number of pockets in the feeding section and i, C is the number of pockets
in the choke section.
3.6. Reactor heating system
In gasification most reactions are endothermic, therefore the process requires heat supply
[?]. The reactor heating system provides the necessary heat for the reactions to occur (∆Hr),
thus, the amount of heat can be calculated. The energy balance in Eq. 3.1 is used to determine
the heat requirement taking into account the dependence of the process on the temperature
and the biomass composition. The pre-heating system of the gasifying medium and the






ni∆Hprod + ∆Hr(T ) (Eq. 3.1)
Where ∆Hfeed corresponds to the energy from the biomass and the gasifying medium, ∆Hprod
is the energy that exits the process in the product gas, unconverted char and energy losses
from the reactor, ∆Hr(T ) is the heat of reaction. The enthalpy ∆H is obtained from the
enthalpy of formation (∆Hof ) and the enthalpy at the process temperature ∆H (T ).
∆H = ∆Hof + ∆H (T ) (Eq. 3.2)
The energy flow in the gasifier is shown in Fig. 3-56:
Figure 3-56: Energy flow in the gasifier. Adapted from [?]
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Depending on the value of the heat of reaction, Hr, it is established whether external heat
supply is required:
∆Hr > 0 , External heat is required
∆Hr < 0 , External heat is not required (Eq. 3.3)
The overall gasification reaction is used to determine ∆Hr:













Where α, β are obtained from ER and S/C respectively. In this work the ER used was












are obtained experimentally or from equilibrium
















niHprod (Tout) + ∆Hr(Tout)
(Eq. 3.5)
According to Li[?], the formation enthalpy for the biomass can be calculated using Eq. 3.6:













, ar, Higher heating value of the biomass
Car, Har, Sar,Mar, wt%, ar, Fractions by weight as received basis
4 Final design
Pilot studies are required for scale-up and for better understanding of the solids behavior
in fluidized bed units [?]. This chapter presents the equipment designed and built after the
methodology described in chapter 3, as well as the procedures used for the fluid-dynamic
characterization of the designed circulating fluidized bed gasifier of 10 kWth. In the first
section the possibilities offered by the final design in the use of different residual biomasses
and the generation of expected thermal energy are presented. In the second part the experi-
mental setup is described. The chapter is closed with the description of the cold flow model
used for the fluid-dynamic characterization.
4.1. Theoretical power output
The design presented here takes into account the properties of residual biomass available
in Colombia with high potential for thermochemical utilization. The syngas from sugarcane
bagasse at the design conditions presents the lowest gas density, ρg =0,24 kg/m
3, and the
highest heating value, LHVg =6,7 kJ/Nm
3; from the oil palm rachis presents the highest
gas density, ρg =0,34 kg/m
3; the coffee husk presents the lowest heating value, LHVg =3,3
kJ/Nm3. The syngas velocities are calculated from the selected fluidization regimes (bubbling
and fast). The reactor diameter has been defined previously, therefore, from the velocities
and the reactor diameter, the actual volumetric flows of the product gas can be calculated,
then, using the Eq. 3.1 the power output is obtained for the selected biomasses. Product gas
volume flows of 1,5-31 Nm3/h and power output of 1,4-58 kW could theoretically be reached
in the unit. The air flow rate required varies from 0,8 to 16,7 Nm3/h, and the biomass flux
between 0,6 and 15,7 kg/h. The lower limit corresponds to the case for bubbling regime and
a biomass of rather low heating value, and the upper limits corresponds to the onset of a
fast fluidization regime with biomasses of high heating values, the power requirement of 10
kWth can be reached for all biomasses at different operating conditions depending on their
properties. The ranges are broad because of the wide range of the gas velocities that may be
used in order to reach the selected regime. These calculations are based on global mass and
heat balances and fluid-dynamics, thus do not take into consideration reaction kinetics, this
is, some operation conditions might not be realizable due to unfavourable reaction velocities.
As an example, the Fig. 4-1,a, shows the limits for rachis palm on the Grace diagram with a
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power output of 2,1 kW at the onset of bubbling regime and 36,1 kW at the onset of the fast
regime, while the design power of 10 kW is obtained approximately at the terminal velocity.
In the Fig. 4-1,b, is shown the operation point for each residual biomass to obtain the design
power output of 10 kW.
(a) For rachis palm (b) Operation point for 10 kWth
Figure 4-1: Power output at the operation limits for the selected residual biomasses.
The Grace diagram in the Fig. 4-1,b, shows on the one hand that, for sugarcane bagasse a
lower product gas flow rate is required to obtain the design power output because it has the
highest calorific value (from the selected biomasses). On the other hand, the coffee husk has
the lowest power output, therefore it needs higher syngas flow rate. The rest of the residual
biomasses have calorific values between 4-5 kJ/Nm3, the desired output is expected to be
obtain at values close to the terminal velocity of the bed material (silica sand). The limit
values and the required flows for each biomass are presented in Table 4-1:
The previous description was focused on the theoretical gasifier performance and the possi-
bilities offered by the design for power generation using the residual biomasses available in
Colombia.
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Table 4-1: Theoretical power output at the operation limits
Biomass Power output gas flow rate biomass rate air flow rate










Oil palm rachis 2,1 10 36 1,55 7,3 26,5 0,85 4,0 14,5 0,88 4,2 15,0
Sugarcane bagasse 3,3 10 58 1,79 5,4 31,2 0,64 1,9 11,2 0,78 2,4 13,6
Coffee husk 1,4 10 24 1,61 11,1 27,2 0,73 5,0 12,4 0,93 6,4 15,7
Rice husk 2,3 10 39 1,56 6,8 26,7 0,92 4,0 15,7 0,89 3,9 15,2
Poultry litter 1,7 10 30 1,56 8,9 27,0 0,88 5,1 15,3 0,90 5,2 15,6
Forest waste 1,7 10 29 1,58 9,2 27,1 0,77 4,1 12,2 0,97 5,7 16,7
1 Design output
4.2. Experimental setup
Given the difficulty for characterizing in detail a fluidized bed at the operating conditions
(high temperatures, chemical and physically aggressive atmosphere), the fluid dynamic study
of fluidized beds has been developed mathematically and experimentally, being the two pers-
pectives complementary for the development of this technology. On the one hand, mathe-
matical modelling is particularly useful for the detailed characterization of the movement of
particles in particular segments of a reactor, as well as for the determination of interactions
between different components of the fluidized bed, but requires high effort in the develop-
ment and implementation of the model [?]. On the other hand, experiments are often carry
out in physical flow models able to produce immediate results on the global behavior of a
fluidized bed unit and to assess the feasibility of a reactor design [?]. The physical models are
commonly known as cold flow models because the experiments are carried out at ambient
temperature, and they are a tool of great value when designing a fluidized bed unit. These
models should be the first step in a research with long-term objectives, since the model will
allow to test modifications in the design, the conditions of operation (gas velocity, solids
inventory, solids circulation rate), the type of bed and the type of material to be processed,
without incurring in costs and risks that the tests may imply when being directly performed
in a pilot unit.
According to this, the fluid-dynamic study was made in a cold model based on volumetric
flow, pressure and solids circulation rates measurements. A cold model with a geometrical
proportion 1:1 of the hot unit was built. The scale selected for the the hot unit and the
corresponding scaling factor chosen for the cold flow model are due to the fact that larger
scales would not be manageable with the facilities available in the laboratory and smaller
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scales would introduce wall effects at higher gas velocities. The hot unit and the cold model
of the laboratory scale Circulating Fluidized Bed Gasifier designed are shown in Fig. 4-2.
(a) Hot unit (b) Cold model
Figure 4-2: Laboratory scale Circulating Fluidized Bed Gasifier designed by the methodo-
logy proposed.
The unit allows a modular design aiming to assess different geometry of each component
with investigation purposes. The biomass and sand feeding systems are included in the hot
unit. The hoppers were designed with an inclination angle of 70◦ to guarantee mass flow and
avoiding zones of stagnation in the discharge of material. The size of the hopper was selected
to achieve semi-continuous operation for 4 hours in average (this can vary according to the
bulk density of the material and the feeding flow rate). The feeding rate is controlled by the
rotation of the screw which is coupled to an electric motor with a variable speed drive. The
sand feeding system was located in the upper part of the reactor, due to space limitations
in the lower area of the reactor. The heating is carried out through electrical resistances
distributed throughout the reactor. An insulation system using refractory ceramics is used
around the reactor. In the design of the hot unit an expansion joint under the cyclone was
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used considering the thermal expansion of the equipment. The control system is responsible
for regulating the feeding flow rate and the heating rate (and hence the temperature in the
reactor). The temperature measurements in the reactor are shown on the control panel. In
the hot unit and in the cold model, a secondary fluidization was included as it is shown in
Fig. 4-2. The primary fluidization corresponds to the reactor fluidization. A bag filter was
used in the cold flow model to collect the elutriated fines at the cyclone outlet, therefore it
was installed at the gas output.
4.3. Cold model
In this section a description of the cold model is presented together with the instrumentation
and methods employed for carrying out the experiments. The experiments were meant to
determine the operation window that allows an adequate behavior of the system based on
the fluidization gas flows fed, the geometry of the reactor, the type of particles used and
the global circulation rate. Based on this, pressure drop, superficial gas velocity and solids
circulation rate were measured. The cold model was made of a transparent Plexiglass to
visualize the solids behavior during the operation and to observe possible failures or bad
operation, in order to correct them in the final design. The main components of the cold
model are the reactor body, the cyclone and the N-valve as shown in Fig. 4-3, they were
sized according to the design of the hot unit and its main dimensions are presented in Table
4-2. In the design of the reactor an expansion which compensates for the increase in volume
of the gases was used, as shown in Fig. 4-3.
Table 4-2: Main dimensions of the cold model
Component Diameter [mm] Height [mm]
Lower reactor 67 400
Upper reactor 81 800
Cyclone 160 620
Standpipe 38 400
In the design of the cyclone, as described in chapter 3, a tangential entry was selected
maintaining the same cross sectional area in the reactor output and in the cyclone inlet (Fig.
4-4 a), in order to maintain the same gas velocity. An inclined duct was used to direct the
flow of solids towards the bottom of the cyclone (Fig. 4-4, b), with the objective of improving
the separation of solids.
The design of the N valve is presented in Fig. 4-5:
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Figure 4-3: Reactor expansion to compensate the increase in volume of the gases.
Electrostatics was observed during the experiments, therefore the cold model was covered
with a copper tape and connected to ground.
4.3.1. Bed material
The scaling process allows to use the fluid-dynamics study in the cold model and apply the
model and extrapolate the results to predict the behaviour in the hot unit. Glicksman [?]
proposed a set of dimensionless relationships to guarantee the fluid dynamics similarity in
fluidized bed equipment: Reynolds number, Froude number, , particle sphericity, particle
size distribution, gas and particle density ratio and dimensional ratios such as particle size
and bed size ratio, diameter and bed height ratio. In practice, it is difficult to achieve the
similarity in all the parameters. Silica sand of mean particle of 200 µm and density 2600
kg/m3 was used as bed material for the cold model (used for the design). Fluid-dynamic
properties of this material are presented in Table 4-3:
The comparison of the dimensionless groups in the hot unit and in the cold flow model is
presented in Table 4.3.1. The selected operation point is shown in Fig. 4-6:
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(a) Tangential entrance with the same cross
area
(b) Inclination of 13 ◦
Figure 4-4: Cyclone geometry according to the design methodology.
Figure 4-5: N valve of the cold model.
4.3.2. Superficial gas velocity
All experiments are carried out at ambient pressure and temperature, using air as fluidizing
gas, which is supplied by a compressor. The air flow rate is measured by a set of rotameters,
two of them control the primary and secondary fluidization operating in a range from 5 to 50
Nm3/h and from 1,8 to 18 Nm3/h respectively, and one more controls the fluidization in the
valve in a range from 0,12 to 1,44 Nm3/h. The air is fed as bottom air in the reactor and the
valve in order to fluidized the bed material. The superficial gas velocity is calculated from
the volumetric flow measured in the rotameters, the gas properties and the cross section
area of the reactor. The minimum fluidization velocity Umf was determined graphically as
it is shown in Fig. 2-5. The pressure drop is measured and plotted for a set of velocities.
The velocity was increased using flows from 0,12 up to 2,4 Nm3/h. 19 points to measure
the pressure were positioned along the unit, 11 of them in the reactor, 2 in the cyclone
and 6 in the N valve. An electronic pressure transmitter was used to measure the pressure
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Table 4-3: Fluid dynamic properties of the bed material
Property Units
Particle density ρp 2600 kg/m
3
Particle diameter dp 200 µm
Archimedes number Ar 556,5 -
Reynolds number at minimum fluidization Rep,mf 0.3352 -
Minimum fluidization velocity Umf 0.0502 m/s
Table 4-4: Comparison of the dimensionless groups of the hot unit (HU)
and the cold flow model (CFM).
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along the reactor and the arithmetic mean values are presented. The flow chart of the cold
model is shown in Fig. 4-7. The flow chart includes the primary, secondary and valve air
injection, nevertheless the secondary air was not used due to limitations of the air supply in
the laboratory. The bag filter is found at the cyclone output to recollect the fines.
4.3.3. Solids circulation rate
The solids circulation rate is measured using the accumulation method. The superficial gas
velocity in the reactor is maintained constant and the fluidization in the valve is interrupted
in order to stop the solids flow. The solids entrained from the reactor are accumulated in the
standpipe because there is no solids flow through the valve, therefore a column of solids is
formed. The height variation ∆z is measured together with the time ∆t as is shown in the
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Figure 4-6: Operation conditions for the hot unit and the cold model in the Grace diagram.
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Figure 4-7: Flow chart of the cold flow model
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Figure 4-8: Global circulation rate measurement
5 Fluid-dynamic characterization of the
unit
The purpose of this chapter is to present the results from the experiments performed in
the cold flow model, these were carried out in order to characterize the fluid-dynamics of
the unit and to conclude about the window of operation for the main variables. In the first
section the fluid-dynamic considerations are described together with the characterization of
the unit based on superficial gas velocity, pressure and circulation rates measurements. Some




Inside the gasifier, only 5-10 % in weight corresponds to biomass; the proportion by
weight of bed material is between 90-95 %, thus its properties are used as reference to
study the fluid-dynamics.
The fluid-dynamics of the particles depends largely on the particle size, therefore for
the experiments the material was previously prepared. The bed material was sieved,
separated in different size ranges and mixed with exact proportions to ensure the
desired mean diameter.
Cyclone
The separation efficiency depends on the load of solids. In the fast fluidization regi-
me the high entrainment of particles forms a strand of solids that becomes the main
separation mechanism, increasing the separation efficiency. Additional components im-
prove the performance of the cyclone: a vortex tube is used to separate particles in
the secondary flow, and an inclined inlet directs the solids to the cyclone. Here, the
fluid-dynamic analysis of this components is presented.
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N valve
The entrainment of solids from the reactor depends on the fluidization velocity in the
reactor and the solids recirculation rate depends on the fluidization velocity in the
valve. The operation window of the valve determines the recirculation that is possible
in the unit.
5.2. Experimental measurements
Experiments were performed to determine the operation window of the unit and to observe
the fluid-dynamic behavior of the systems (reactor, cyclone, valve) in the the cold model.
Independent tests were carried out in order to characterize each component.
5.2.1. Characterization of the reactor
The reactor characterization is based on pressure profiles and visual inspection. Increasing
the fluidization velocity in the reactor, the minimum fluidization was determined according
to the pressure and velocity measurements as described below; the onset of the entrainment
was determined by visual inspection. The superficial gas velocity in the reactor has influence
on the circulation rate but this is analyzed in the characterization of the loop, in the next
section.
The minimum fluidization velocity has been studied for silica sand (type B in the Geldart
classification) with particle density of 2600 kg/m3 and mean particle diameter of 180 µm.
Three different inventories were used: 1500, 2000 and 2500 g, corresponding to bed heights
at rest of 29, 39 and 49 cm respectively. The minimum fluidization velocity was determined
from pressure drop measurements as is presented in Fig. 5-1.
According to Fig. 5-1, the velocity of minimum fluidization is 0,05 m/s for all inventories,
meaning the onset of fluidization is independent of the bed height. Even when the onset of
fluidization occurs at the same superficial gas velocity for the three inventories, they present
fluid-dynamic differences. For higher (deeper) beds there might be an influence due to the
weight of the bed, as shown in Fig. 5-2 and 5-3. The velocity was increased and pressure
measurements were carried out at different heights in the reactor.
According to Fig. 5-2, for an inventory of 1500 g the onset of fluidization is well defined at
0, 05 m/s where the interparticle forces have been overcome by the force exerted by the fluid
on the particles, thus a peak is observed. This behavior is presented along the reactor at all
the measured points. In turn, this effect is not evident in deeper beds since two effects were
observed as shown in Fig. 5-3(a) and 5-3(b). With the smallest inventory (1500 g and 290
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(a) Experimental (b) Grace diagram
Figure 5-1: Pressure drop measurements to determine Umf for the three inventories.
Figure 5-2: Pressure drop measurements along the reactor for an inventory of 1500 g
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(a) 2000 g (b) 2500 g
Figure 5-3: Pressure drop measurements along the reactor for different inventories
mm bed height) bubble growth from the distributor is observed along the reactor, while with
the inventory of 2000 g and bed height of 39 cm bubbles are observed only near the surface
of the bed while the lower part of the bed seems to remain fixed, just as it the lower bed
operated as a distributor. The interparticle forces requires higher flow to be totally overcome,
thus the peak observed at 0,05 m/s extends up to 0.1 m/s.
According to Fig. 5-3(b), with the largest inventory slags appear in the lower section of the
bed and disappear at a middle height because of the weight of the bed. According to these
observations, at low velocity regimes the use of deeps beds is not recommended because there
is no adequate fluidization, this is, there is no movement of the particles along all the bed,
thus the contact efficiency might be low. For the laboratory scale unit it is recommended to
maintain an inventory in the reactor of 1500 g in order to obtain acceptable fluidization.
The effect of the inventory on the pressure along the reactor height is observed in Fig 5-4.
A larger inventory increases the total pressure drop of the bed. It is observed in Fig. 5-4
than the reactor expansion located at a height between 450 and 550 mm has an effect on the
pressure distribution; a lower and an upper bed are formed with different pressure profiles
demarcated by the expansion. At higher flow rates a fraction of the solids is transferred to
the upper section, increasing the pressure drop in this section while the pressure drop in the
lower bed is reduced.




Figure 5-4: Pressure profiles along the riser showing the limits between the lower and the
upper bed.
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5.2.2. Characterization of the loop
The characterization of the pressure profile of the whole unit or loop, is important in or-
der to stablish the correct operation of the unit. An adequate pressure balance allows the
recirculation of solids from the valve to the reactor, preventing undesirable gas flows in the
opposite direction. The backpressure of the reactor is counteracted by the pressure drop in
the valve and in the standpipe, which also controls the recirculation rate. The pressure of
the loop using 10,8 Nm3/ h (180 lpm) of air in the primary fluidization and 0,6 Nm3/ h (10
lpm) of air in the valve is presented in Fig. 5-5:
Figure 5-5: Pressure profile of the loop using 180 lpm in the primary fluidization, 10 lpm
in the valve.
It is observed that in the connection pipe between the reactor and the valve, the pressure
on the valve side is larger, this favours the flow of solids towards the reactor and the correct
sealing. The following section shows how this condition is not met under certain situations
even when the pressure in the valve is higher than in the reactor. Keeping the primary
fluidization rate constant, the valve fluidization rate was varied:
Figure 5-6: Pressure profile for the variation of the valve fluidization. With 180 lpm in the
primary fluidization.
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At low fluidization velocities in the valve, the pressure exerted by the solids in the valve is not
enough to overcome the backpressure from the reactor. Increasing the flow rate in the valve,
the pressure in the bed increases. As it is shown in Fig.5-6, for flow rates in the valve of 2, 4
and 6 lpm, the pressure in the reactor inlet is higher than the pressure in the valve, thus there
is no sealing. At higher flow rates in the valve, from 8 lpm, the pressure in the valve is higher
than the pressure in the reactor inlet, that is, the backpressure is overcome and the valve is
able to recirculate solids towards the reactor, this flow rate (8 lpm in this case) is important
to characterize the operation window of the whole unit because determines the onset of
the recirculation with 10,8 Nm3/ h of flow rate in the reactor. The pressure in the reactor
varies depending on the fluidization velocity and the inventory, therefore it is necessary to
characterize the onset of recirculation under these variables. In the characterization of the
valve these measurements are presented .
The global circulation rate was calculated using the accumulation method. The particles
entrain towards the cyclone was observed for fluidization rates of 14,4 Nm3/ h (240 lpm) and
higher, therefore this was the initial value for the circulation measurements. The maximum
flow rate in the reactor was 19,2 Nm3/ h (320 lpm) which was limited by the pressurized air
facilities. The experimental range is presented in the Fig. 5-7,a, and the circulation rate is
shown in Fig. 5-7,b.
(a) Flow range (b) Global circulation rate
Figure 5-7: Global circulation rate determination by accumulation method.
It is observed in Fig. 5-7,a. that the fluidization velocity of the reactor in the experiment was
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located at the turbulent regime. The lower fluidization velocity coincides with the terminal
velocity at 1.28 m/s and the final 1.71 m/s, in this range a solids circulation rate between
18 and 541 kg/m2s were measured as is shown in Fig. 5-7,b.
5.2.3. Characterization of the cyclone
The characterization of the cyclone is based on visual inspection and separation efficiencies.
Experiments were carried out with the maximum flow rate in the reactor (19,2 Nm3/ h)
to observe the effect of the solids load in the operation of the cyclone. For operation under
turbulent regime the particle entrainment is significant, therefore the mechanism due to
high load of solids described in the chapter 3, becomes the main separation mechanism. The
strand directs the flow to the bottom of the cyclone as shown in Fig. 5-8:
(a) at t=0s (b) at t=0,2s (c) at t=0,4s
Figure 5-8: Flow of solids in the cyclone due to the high load of solids.
The solids are distributed through the entire entrance duct, collide with the wall of the cy-
clone and due to the loss of energy and the weight of the strand, fall towards the standpipe.
During the tests, 3 phenomena were observed which must be corrected in the hot unit for
proper operation. The stagnation of solids at the entry channel of the cyclone which modifies
the entrance velocity and direction into the separator, the secondary flow due to the absence
of the vortex tube and the re-entrainment of solids for certain fluidization conditions in the
valve. The stagnation and the solids flow in the duct of the cyclone is shown in Fig. 5-9:
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Figure 5-9: Stagnation of solids at the cyclone entrance.
The output from the reactor is not smooth so the solids colliding with the roof are directed
towards the bottom of the connection duct with the cyclone as is shown in Fig. 5-9. The
shock with the wall slows down the particles which fall into the connection duct with the
cyclone, therefore the roof of the reactor must be redesigned, a smooth connection is required
in order to avoid the stagnation. In addition, the inclination of the duct is not enough for
the solids to slide, thus the solids remain stagnant. During the experiments it was observed
that when the accumulation of solids in the duct is too high, the weight of the material
contributes to slide the material towards the cyclone, thus the duct is emptied. However, the
stagnation is observed again in a few minutes of operation. According to Basu [?], an angle
of 30◦ is suggested in the duct.
The second phenomena observed was the secondary solids flow as is shown in Fig. 5-10. As
it was described in the design methodology of the cyclone, there might exist two flow rates
in the cyclone: in the inner vortex and in the tip of the cyclone. In the latter, generally a
vortex tube is used in order to avoid the exit of the suspension once enters to the cyclone. In
the cold model there was not used a vortex tube, therefore it was observed secondary solids
flow.
Figure 5-10: Secondary solids flow observed from 14.4 Nm3/ h.
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As it is observed, a vortex tube is necessary in the final design because the higher the solids
load, the higher is the fraction of solids in the secondary flow which could not be separated.
The third phenomenon observed is the re-entrainment of solids into the cyclone as shown
in Fig. 5-11. A fraction of the solids in the valve returns to the cyclone for certain valve
operation conditions. At high flow rates in the valve (discussed in the next section), the
sealing is broken and fluidization flow of the reactor moves from the reactor towards the
valve, this flow re-entrained the previous separated particles.
(a) t=0,2 s (b) t=0,3 s (c) t=0,4 s (d) t=0,5 s (e) t=0,6 s (f) t=0,7 s
Figure 5-11: Re-entrainment due to the valve fluidization.
As is observed in Fig. 5-11, the solids re-entrained reach the roof of the cyclone, therefore
a fraction of the separated solids might be entrained with the output gas. This condition is
important to define the operation window, because the re-entrainment limits the flow rate
in the valve, meaning the solids circulation rate is also limited. A compromise must be done
between the solids recirculation rate required and the admissible re-entrained of particles.
According to this, the cyclone operation depends on the valve operation conditions described
in the next section.
During the experiments, the particles that did not separated from the gas stream in the
cyclone were collected in a bag filter. With a total initial inventory of 2500 g, all the experi-
ments were carried out without change the filter. At the end of the experiments, 250 g were
collected in the sleeve for which an overall efficiency of 90 % was calculated. This efficiency
is low, but taking into account the re-entrainment studied, the efficiency of the cyclone is
higher than 90 %. The particle size distribution was carried out prior experimentation and
was repeated with the solids collected in the bag filter, with which the separation efficiency
for each particle size was obtained as shown in Fig. 5-12. It is observed that larger particle
size presents higher separation efficiency as it was expected. For the mean particle diameter
of the design (180 µm), the efficiency is about 99 %. The separation efficiency decreases for
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finer particles, about 87 % was measured with particles of 90 µm and about 73 % with parti-
cles of 75 µm. In general a good separation efficiency was measured. For the finest particles
the efficiency decreases, therefore additional separation methods to handle fines are required.
Figure 5-12: Separation efficiency in the cyclone.
5.2.4. Characterization of the valve
The valve is responsible for controlling the recirculation of solids in the unit. The initial design
of the valve presented an inappropriate behavior because the seal could not be reached for
any set of operation conditions. Air passed from the reactor to the cyclone through the valve,
as shown in Fig. 5-13.
(a) Initial design (b) New valve
Figure 5-13: Bad operation due to bypass in the initial design.
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In the initial design, the connection of the valve with the standpipe was located near to the
recirculation tube, whereby the fluidization air form the reactor flowed easily through the
standpipe. In order to correct this problem the valve was redesigned by locating the standpipe
connection in the middle height of the recirculation chamber. After the modification the seal
was achieved for a ranges of flow rates used. The modified design was used for all experiments
presented in this chapter.
It is important to characterize the operation range for which the recirculation of solids is
achieved. As it was mentioned in the section 5.3.2., the backpressure of the reactor avoids
the recirculation, therefore the valve must be fluidized in order to created a pressure due
to the solids in the standpipe which counteracts the backpressure of the reactor. The mi-
nimum operation condition is defined as the onset of recirculation, which is controlled by
the fluidization flow rate in the valve. The maximum operation condition of the valve was
described in the characterization of the cyclone and depends on the fluidization flow rate in
the valve which causes re-entrainment, the solids recirculation at this condition was defined
as the maximum circulation rate possible. Based on this, the operation limits are defined
according to the valve fluidization rate. At constant fluidization flow rate in the reactor, the
fluidization flow rate in the valve was varied. The minimum value corresponds to onset of
circulation which was determined by visual inspection. The valve fluidization was increased
until there is no accumulation in the standpipe, defining the minimum value. The maximum
fluidization flow rate in the valve was defined when re-entrainment was observed, meaning
the maximum solids circulation rate was reached. The mentioned ranges of fluidization of
the valve are presented in Table 5-1.
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For the flow rates used in the reactor, the operation window of the valve is obtained, therefore
the flows required for a correct fluid dynamic operation of the unit were defined. These results
can be observed graphically in the Grace diagram in Fig. 5-14:
Figure 5-14: Operation range of the valve.
6 Conclusions
In the present work, a laboratory scale gasifier for residual biomass in a circulating fluidized
bed was designed through a systematic calculation procedure. Fundamental principles of
fluidization, mass and energy balances and flow ratios were used. Information of product
gas properties and recommended design ranges from specialized sources served as the basis
for calculations. The design methodology for each system of the unit was described together
with the main considerations used for the design. A cold model with a geometrical scale of
1:1 in relation with the hot unit was built in order to study the fluid-dynamic of the design;
some modifications aimed to improve the performance of the unit have been proposed.
In the first part of this chapter, the conclusions of the research carried out are presented and
in the second part some recommendations are done for future work.
6.1. Conclusions
Design of the circulating fluidized bed gasifier
The pilot unit is important for the development of thermochemical processes in flui-
dized beds in Colombia, as it opens the possibility for assessing the energy use of
agricultural solid waste in such units.
The experimental unit designed allows the use of different residual biomasses operating
under different fluidization regimes from bubbling to fast, this is important because
the unit will allow to evaluate the conversion efficiency for each biomass under different
contact regimes, and in this way to select the most efficient regime to transform the
biomass.
The residence time is the main parameter to estimate the height of the reactor in the
gasification process, therefore initial tests are required for every new biomass that wants
to be tested. According to this, the kinetics of the process influences the performance
of the unit, therefore this should be checked individually for each biomass.
At high solids load in the cyclone the separation efficiency increases due to the forma-
tion of strand of solids which drag both the coarsest and the finest particles, therefore
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in the fast regime they cyclone will have a better performance than a lower velocity
regime.
Standard screw design are not adequate to transport biomass from the hopper because
stagnant zones are formed in the interface of the hopper-screw system. Proper screw-
hopper design prevents the solids stagnation, since the hopper is generally designed for
mass-flow and the screw is designed with variable pitch and/or variable diameter.
The design of the unit offers flexibility in its construction, so that the geometry of each
component can be changed for investigation purposes.
Among the selected residual biomasses the sugarcane bagasse has the highest heating
value, LHVg =6,7 kJ/Nm
3, with a theoretical power output of 3,3 kW at the bubbling
regime and 58 kW at the fast fluidization regime. The coffee husk the lowest heating
value, LHVg =3,3 kJ/Nm
3, with a theoretical power output of 1,4 kW at the bubbling
regime and 24 kW at the fast fluidization regime. The ranges are broad because of the
wide range of the gas velocities that may be used in order to reach the selected regime.
Fluid-dynamic characterization
The onset of fluidization is independent of the bed height, nevertheless an influence
in the fluid-dynamic of the bed due to the weight was observed. Deeper beds might
present two different behaviors: in the first, bubbles are observed only near the surface
of the bed while the lower part of the bed seems to remain fixed, just as it the lower
bed operated as a distributor. With the largest inventory appears slags in the lower
section of the bed and disappear at a middle height because of the weight of the bed.
The global circulation rate depends in large extent on the fluidization velocity in the
reactor and the fluidization velocity in the valve. Increasing the fluidization velocity in
the reactor increases the solids entrainment, and increasing the fluidization velocity in
the valve increases the recirculation rate. Proper operation of the whole unit depends
on the global circulation rate, therefore the operation window of both reactor and valve
determines the operation window of the unit.
The onset of the solids circulation rate was observed from 14,4 Nm3/h using silica sand
as bed material with a mean particle diameter of 180 µm, in accordance with the Grace
diagram.
At high load of solids in the cyclone, it was observed the load as the main separation
mechanism in accordance with cyclone design theory.
The entrance duct of the cyclone requires greater inclination to avoid stagnation of
solids. According to Basu, an angle of 30 ◦ is suggested.
The output of the reactor should be smooth in order to avoid the solids stagnation in
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the entrance duct of the cyclone.
The cyclone, in spite of having an inclined entrance duct that directs the solids towards
the bottom of the cyclone, presents secondary flow; the use of the vortex tube is
therefore required. according to this, a vortex tube was used in the hot unit.
The cyclone designed has a separation efficiency about 99 % for the mean particle
diameter of the design (200 µm). The separation efficiency decreases for finer particles,
about 87 % was measured with particles of 90 µm and about 73 % with particles of 75
µm. In general a good separation efficiency was achieved.
The operation window of the valve was determined based on the solids recirculation.
As it was mentioned, the solids circulation depends on the fluidization velocity in the
reactor and the recirculation depends on the fluidization velocity in the valve, therefore
the lower operation limit of the valve was defined maintaining constant the fluidization
in the reactor and varying the fluidization valve, until the onset of solids recirculation.
The upper limit of operation was defined based on the bad operation of the cyclone.
At certain fluidization velocity in the valve, the re-entrainment of particles limits the
recirculation in the valve.
The connection of the standpipe with the recirculation chamber should be located at
the bottom of the recirculation chamber in order to obtain higher pressure in the valve
and to avoid bypass flows from the reactor which causes re-entrainment to the cyclone.
The discharge of the valve should be located higher in the reactor in order to counteract
lower pressures from the reactor and achieve a more stable operation in the valve.
6.2. Recommendations and outlook
The performance of Colombian residual biomass in gasification process at different
operating conditions should be evaluated in the hot unit.
Experiments should be developed to determine the residence time of residual biomass.
A vortex tube was not used in the cold model. Different ratios of diameter and height
can be evaluated in order to improve the separation efficiency of solids.
Several loop seal designs can be evaluated given the flexibility of the unit. The charac-
terization of the recirculation systems will allow to determine advantages and disad-
vantages of each design for the circulating system used.
The hopper-screw system must be designed based on the flowability of the biomass,
therefore shear tests should be implemented for the residual biomasses in order to
determine its flowability and characterize each material.
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